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ABSTRACT

The behaviour of liquid/liquid extractors, with special
reference to spray columns, pulsed sieve-plate columns and
mixer-settlers, has been theoretically and experimentally

investigated.

Drops in spray columns can be formed singly or by the break
up of jets. Based on 484 data points for 12 liquid/liquid
systems from 8 different sources, correlations of drop size
have been developed for the single drop and jetting regions
in terms of physical properties and nominal nozzle velocity
which predict the drop diameter with an average error of
9.7%. A general correlation treating nozzle velocities up to
the critical velocity is also presented which predict the

drop size with an average deviation of 9.5%.

The concept of slip velocity has been used to correlate the
dispersed phase hold-up in spray columns. The drag coefficient
defined by Barnea and Mizrahi (1975e) has been modified and
slip velocity data in the intermediate zone and lower range

of the turbulent zone correlated. The proposed correlation,
which predicts two values of hold-up corresponding to loose
and dense-packed dispersions, has a practical value of a
simple correlation over the relevant range of Reynolds

numbers covered.

New correlations to predict dispersed phase hold-up in pulsed
sieve-plate columns have been developed in terms of physical
properties, operting conditions and column geometry. An
analysis of 725 data points for 8 liquid/liquid systems from
5 different sources gave correlations in the absence of mass
transfer for mixer-settler, dispersion and emulsion regions,
which predict the hold-up with average percentage deviations
of 13.5, 12.4 and 13.7 respectively. The break-point between
the mixer-settler and dispersion regions is given by the
minimum value of the hold-up, and between dispersion and
emulsion regions when the dimensionless group (Af)3oc/

(AEAp3/4 01/4g5/4) is equal to 0.05.



Mechanisms of binary coalescence and coalescence at the
disengaging interface have been proposed. Based on drop
growth and the effect of the thickness of the dense-packed
layer on drop/interface coalescence time, models are
presented which relate the observations on batch decay pro-
files to continuous settling. Experimental batch decay
data have been correlated by using one of the models and
the evaluated parameters used to predict the steady state
height in a continuous settler. Good agreement has been
achieved between experimental and predicted heights.

Finally, an empirical correlation to predict the dispersion

band height in a spray column in terms of physical properties

and dispersed phase throughput is presented and fairly good
agreement between experimental and calculated dispersion

band heights obtained.



ZUSAMMENFASSUNG

Das Verhalten von fliissig/flissig Extraktoren mit speziellem
Bezug auf Sprith- und pulsierende Siebbodenkolonnen sowie
Mischer-Abscheider-Kontaktoren wurde theoretisch und

experimentell untersucht.

Die Tropfen kdnnen in Spriihkolonnen einzeln oder im Strahlzer-
fall gebildet werden. Aus 484 Messdaten fiir 12 fliissig/fliissig
Systeme von 8 verschiedenen Datenquellen wurden Korrelationen
fiir die Tropfengrdsse im Einzeltropfen- und Strahlbereich ent-
wickelt, und zwar in Funktion der physikalischen Eigenschaften
und der Durchschnittsgeschwindigkeit in der Diise. Dabei kann
der Tropfendurchmesser bis auf 10% genau vorausgesagt werden.
Ueberdies wird eine allgemeine Korrelation mit etwa gleicher
Genauigkeit angegeben, die die Dilisengescwindigkeit bis zur

kritischen Geschwindigkeit behandelt.

Mit der Definition der Relativgeschwindigkeit kann der Hold-up
der dispergierten Phase in Spriihkolonnen korreliert werden.
Der Widerstandskoeffizient nach Barnea und Mizrahi (1975e)
wurde nun zu einer Korrelation fir die Relativgeschwindigkeit
in der Uebergangszone und im unteren Turbulenzbereich modifi-
ziert, womit die Werte des Hold-ups fir lockere und dichtge-
packte Dispersionen vorausgesagt werden konnen. Die Korre-

lation hat Giltigkeit im Reynoldsbereich ReE 1= 7 - 2450.

Neue Korrelationen sagen den Hold-up der dispergierten Phase
in pulsierenden Siebbodenkolonnen voraus in Abhdngigkeit der
physikalischen Eigenschaften, die Versuchsbedingungen und der
Kolonnengeometrie. Es werden 725 Messdaten fiir 8 fliissig/
flissig Systeme im Mischer-Abscheider-, Dispersions- und
Emulsionsbereich analysiert. Die daraus resultierenden Korre-
lationen geben den Hold-up mit einer durchschnittlichen
Abweichung von 13,5, 12,4 und 13,7% an. Der Uebergangspunkt
zwischen Mischer-Abscheider- und Dispersionsbereich ist durch
das Minimum des Hold-ups bestimmt und zwischen Dispersions-
und Emulsionsbereich durch den dimensionlosen Ausdruck
(Af)3pc/(A2Ap3/4ol/4 g5/4), der 0.05 wird.



Mechanismen der bindren Koaleszenz und der Koaleszenz an der
Grenzflédche werden vorgeschlagen., Auf Grund des Tropfenwach-
stums und des Einflusses des dichtgepackten Schichtanteils
auf die Tropfen/Grenzfl&chen~Koaleszenzzeit werden Modelle
flir statische Zerfallsprofile und kontinuierliches Ausscheiden
prédsentiert. Mit einem Modell werden die experimentellen
statischen Zerfallsprofile so korreliert, dass die stationdre
H6he im kontinuierlichen Abscheider mit guter Genauigkeit
vorausgesagt werden kann. Auch fiir die Spriihkolonne wurde
eine empirische Gleichung ermittelt, um die Dispersionshdhe
in Abhdngigkeit der physikalischen Eigenschaften und des

dispergierten Phasendurchsatzes zu bestimmen.



1. INTRODUCTION

Liquid/liquid extraction is a well-known separation technique
that has many applications in petroleum, petrochemical, pharma-
ceutical, metallurgical and atomic energy industries (Treybal,
1963, Hanson, 1971, Bailes and Winward, 1972). It can be entirely
physical in nature - the driving force for mass transfer depending
on the difference in relative solubilities among the components
of the feed stock and the solvent which has been selected. Many
applications in the organic field belong to this category. On

the other hand, driving forces can be determined by solubility
differences which arise from varying degrees of chemical intér—
action with the solvent. This is exploited for many metallurgi-

cal separations.

The number and variety of liquid/liquid extraction contactors
that have been described in the literature are considerable.
These can be classified depending whether contact is stagewise
or differential, and according to the method used for inducing
counter-current flow, such as gravity or centrifugal force.
Equipment available includes mixer-settlers (widely used in
hydrometallurgy), spray columns and various designs of plate,
grid and packed columns. There are also columns with interstage
mixing aided by mechanical internal devices (Kiihni column,
rotating disc contactor, asymmetric rotating disc contactor,
Oldshue-Rushton contactor, Scheibel extractor,etc.) or externally
applied pulses (pulsed sieve~plate column, pulsed packed column,
etc.). A variety of vertical and horizontal centrifugal extractors
have also been developed, despite their high cost, and have found
fairly wide use in petroleum refining and vegetable oil pro-
cessing, in addition to the production of antibiotics (Logsdail
and Lowes, 1971, Bailes and Winward, 1972).

Design methods of established contactors are becoming more
sophisticated and some new devices (EC column, SHE column,etc.)
which might help to extend the field of liquid/liquid extraction
have appeared. Rapid developments in both the theory and prac-

tice of liquid/liquid extraction equipment are continuing,



although considerable areas of ignorance remain. Even today,
pilot scale experimentation is normally an inevitable prelimi-

nary to full scale design for any new process.

Since there is a wide variety of contactors to choose from for
any particular process, several design considerations and pro-
cess parameters have to be considered before making a final
choice. One of the important calculations to be done in a design
procedure is the number of theoretical stages, either analyti-
cally or graphically. All types of extractors can be used
satisfactorily when few, say two or three, theoretical stages
are required ; when more than this, perhaps ten or twenty, are
needed then the choice becomes difficult. Generally speaking,
columns are used when the number of stages required is less
than about three to six, although for very low throughputs and
low axial mixing effects a higher number of stages can be
accommodated (Arnocld, 1974). Therefore, when the required
number of equilibrium stages is more than this, columns may be
eliminated, although not so the centrifugal units that may be
staged. The latter have a high capital cost and are only used
for special applications such as a very low density difference
between phases, or when a very short residence time is speci-

fied to minimize solvent degradation.

For low and moderate throughputs a spray or packed column

could be used; for intermediate and high throughputs mechani-
cally agitated columns or mixer-settler units could be employed.
For high throughputs the effect of scale on factors such as
axial mixing in columns is largely a matter of experience,
design methods being inadequate (Oldshue, 1974). These prob-
lems do not occur with mixer-settlers, although entrainment

can be a problem. For high throughputs columns are still
preferable because of the economies they offer with respect

to agitation energy, floor space and inventory, although for
very large diameters axial mixing may account for a significant

proportion of the total column height needed.

The physical properties of the process fluids will also influence
the choice. The density difference is very important, since low

values reduce the dispersed phase velocity in the column, or,



with mixer-settlers, in the settling chamber and thus reduce
the throughputs. Practically, a settler will perform with
density differences as low as 10 kg/m3, but its size then
becomes very large in relation to the mixing tank for a given
throughput (Glasser et al., 1976). The drop size in extractors
is a function of interfacial tension and high values of inter-
facial tension correspond to large drops (small interfacial area)
and hence poor mass transfer performance. However, a high
interfacial tension is not a serious restriction when a mechani-
cally agitated contactor is used, since the performance can be
improved by increasing the power input to the system. Systems
with low interfacial tension can not be subjected to high shear
or turbulence forces without stable emulsions being formed.
Unagitated columns may suit the purpose very well, although
gentle agitation could be arranged in an agitated contactor.
The viscosities of the phases may also be of importance if
appreciably high, and in such cases experiments should be

carried out with the actual system under consideration.

When solids are present in one or both of the phases many types

of contactor are liable to blockage and require dismantling for
cleaning. Exceptions are the pulsed sieve-plate and reciprocating-
plate columns which are self-cleaning to a considerable extent.

In the case of mixer-settlers a shut-down for cleaning is

relatively simple.

Other considerations affecting selection might be the floor area
and/or headroom available, peculiar reaction kinetics requiring
high turbulence or long residence time, and materials of con-

struction.

1.1 Scope

It is very useful to synthesise the results of the available
studies on drop size, dispersed phase hold-up, and axial mixing
and mass transfer coefficients so as to simulate,from first
principles, the overall performance of a piece of equipment.
A simulation model allows designs to be carried out with confi-

dence for systems which have not been previously handled in the




equipment under consideration. However, there have been
relatively few attempts, primarily because the available

information is either incomplete or conflicting and confusing.

In Chapter 4 of this work new correlations have been suggested
for the published experimental results on the drop size in
spray extraction columns, and the dispersed phase hold-up in
spray and pulsed sieve-plate extraction columns. Predictions
of various correlations that are available in the literature
(Chapter 2) to describe the above-mentioned parameters are
compared with these experimental results and the inadequacy

of most of the correlations is deomonstrated.

Another practical problem which arises subsequent to the mass
transfer and is particularly important for multistage pro-
cesses in which stage-wise equipment is used, is the physical
separation of a liquid/liquid dispersion into extract and
raffinate phases. Unless this can be accomplished easily and
nearly completely, the extraction process is of little value.
The gravity settler which is widely used for this purpose
consists essentially of a vessel to which the dispersion is
continuously fed,and from which the two phases are discharged

with anticipated complete separation.

The mechanism of this apparently very simple operation has not
been very well understood. Very few experimental or theoreti-

cal investigations have appeared in the literature. As a result,
the approach to the design is largely empirical and in many

cases the industrial settlers are grossly oversized. In operations
involving many stages the settlers and their inventory represent

an important immobilization of capital.

It is known that the coalescence properties of liquid phases
containing organic commpounds and used in closed systems may
change with time due to many different reasons: chemical reactions
(such as oxidation), differential losses of volatile components,
interactions with the construction materials of the container,
crud produced by organic liquid-borne fungi, air or water-borne
bacteria,etc. Thus the experimentation and even the concept of

steady state are much more complicated, which explains the fact



that there are relatively few investigations in the field of

phase separation.

A worthwhile goal of the fundamental study of settling
mechanism is to reduce the scale of pilot work and cost
involved by attempting to predict continuous settler capacity
on the basis of a relatively small-scale batch test. Since

a batch test is inexpensive and the simplest way of obtaining
the relevant information, effort must therefore be put into

a more fundamental understanding of the relation between batch
and continuous settling. A set of batch tests over a wide
range of initial conditions covering all the variables of a
liguid/liquid system (dispersion height, drop size distribution,
phase ratio, etc.) should contain all the information required

to design a continuous settler.

Models based on drop/drop and drop/interface coalescence
relating the batch and continuous settling are presented in
Chapter 6 and a fairly good agreement between continuous

results and those calculated from the batch settling experiments
is also obtained. Finally, a correlation for the prediction of
the steady state band thickness in a spray column in terms of

physical properties of the liquid pairs is given.
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2. DROP DYNAMICS

The motion of liquid drops and their behaviour in another

liquid medium of infinite or restricted extent is of importance
in liquid/liquid extraction processes, since in extraction
equipment the contact between the phases is achieved through
dispersion of one of the phases as drops. Hence a knowledge

of the hydrodynamic aspects should provide the basic information
needed for the design of liquid/liquid contactors in which the
drop size is related to the transfer efficiency and the terminal

velocity to the capacity of the equipment.

2.1 Drop Formation from Nozzles and Orifices

The knowledge of the interfacial area formed when one liquid
is injected into a second immiscible liquid through single or
multiple openings is necessary for the calculation of heat and

mass transfer rates in such processes.

At low nozzle velocities the drop is formed at the tip of the
nozzle. Above a certain velocity a jet is formed which breaks

up into drops. The jet length increases with increasing velocity
till a critical value is reached, beyond which the jet length
again decreases. The maximum jet length often corresponds to

a minimum drop diameter (Keith and Hixson,1955, Skelland and
Johnson, 1974). Finally, at still higher velocities, the jet
length shrinks to zero and the drops are again formed at the

tip of the nozzle - this is the atomisation region.

2.1.1 Single Nozzles and Low Velocities

Harkins and Brown (1919) derived an expression for predicting
the static drop volume by equating the buoyancy and interfacial
tension forces and correcting the volume for the fraction of

liguid which remains attached to the nozzle after drop break-off:

Yo T Tgto (2-1)

where X is the so-called Harkins~Brown correction factor.
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For cases where velocity effects become important, Hayworth
and Treybal (1950) were among the first to provide a correlation.

Their equation in cgs units is as follows :

2
-4 2/3 Pa vo. _ -4 0d
VD + 4.11x10 VD (—AE—) = 21x10 (A_O)
_, 70.747.0.365, _0.186
+ 1.069x10”% (4 LA y3/2
)
(2.2)

These authors also provided a chart to eliminate the necessity

of trial-and-error computation for the drop volume.

Null and Johnson (1958) found maximum average errors of 94 and
377% when they compared their experimental results with their
own correlation and that of Hayworth and Treybal, respectively.
Meister (1966) also found that the Hyworth-Treybal and Null-
Johnson correlations did not satisfactorily predict the drop
size over the wide range of liquid properties and nozzle sizes
he had studied.

Rao et al. (1966) developed a correlation based on a two-stage
drop formation process. In the static stage the drop inflates
till the bouyant force overcomes the interfacial tension force
(Harkins-Brown drop volume). During the second stage the drop
continues to grow until it detaches from the nozzle. These
authors claimed that their analysis significantly reduced the
error for many liquid/liquid systems. Scheele and Meister
(1968a) gave an improved correlation for the drop volume, based
again on a two-stage drop formation process, and showed that
their analysis was more accurate than the Hayworth-Treybal and
Null-Johnson correlations and could be used for a wide range of

physical properties and nozzle diameters.

In the last decade the important contributors to the field were
de Chazal and Ryan (1971), Izard (1972) and Kagan et al.(1973).
Table 2.1 summarizes the important correlations for the formation
of drops at low nozzle velocities from single nozzles. (In this
table Biihler's (1977) simplification of Izard's (1972) somewhat
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Table 2.1 Correlations Predicting the Volume of Drops
Produced from Single Nozzles at Low Velocities

Scheele and Meister (1968a):

3 2.2 2 6. 2
~ rdo 5uc md~v pdwd v on pdd v 1/3
v, = X{ZBE + 5 " 3553 + 4.5( 573) }
¢ Apg 16(8p) g
where ¢ = (GVD/W)1/3
de Chazal and Ryan (1971):
rdg ghed v an/3 dpdv2
VD = KEE{X + 1.648 — o - 0.857 70 (1 + v)}

where u = 0 for (p,d v2/2/0)12 < 1.07 - 0.75(80ga%/4/0) /2
otherwise,
v = 0.286(Apgd2/4/0)l/2

Izard (1972):

2.2
v = 1 (ndo + nd Vuc(uc + l.5ud) ; md"v od(l_ 20
D Apg 2 uc + ud 3

d
20d+oc

)}

Kagan et al. (1973):

A )%“(1 + 2.39 'd——l/z' w3 - o.485w)
kg (80/4p/9)

2
(oc + od) dv

where W = e

complicated correlation is given). The calculation of drop
diameter using the correlation of Scheele and Meister (1968a)
is iterative when the continuous phase viscosity exceeds

10 mPa s but not when the viscosity is less than this

since the drag term is then negligible. de Chazal and Ryan's
(1971) correlation is complex because it requires the
terminal velocity U to be calculated as a function of

drop diameter using Hu and Kintner's (1955) or Klee and

Treybal's (1956) correlations. (See Section 2.3.1 for
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correlations of terminal velocities of single drops). The

equations of Izard (1972) and Kagan et al. (1973) are simple
to handle since a trial-and-error solution is not required.

The Harkins-Brown correction factor in equation (2.1) and
Table 2.1 can be calculated using a diagram published by
Scheele and Meister (1968a) or approximated by the equation
of Horvath et al. (1978) :

¥ = 0.6 + 0.4 exp{-—2d(%§%)l/3} (2.3)

2.1.2 Jet Break-up from Single Nozzles

As already stated, with higher nozzle velocities a jet issues
from the nozzle and the drops are formed by its disintegration.
There is, however, a serious lack of reliable correlations

for the prediction of drop diameter in the jetting region and
most of the studies directed toward understanding jet break-up
are concerned with the determination of nozzle velocity when
jetting starts (minimum jetting velocity) and the velocity

with maximum jet length (critical velocity).

The work of Hayworth and Treybal (1950) was largely devoted

to the single drop region with a few runs in the incipient
jetting region. From observations on 14 liquid/liquid systems
these authors found that a jet normally formed when the nozzle
velocity reached about 0.1 m/s, but made no attempt to define
the jetting velocity precisely. Ruff et al. (1976) and Ruff
(1978) recently proposed :

1/2

20

v, = 2.4
5 (Odd ) ( )
where vj is the minimum jetting velocity. Other pertinent

correlations predicting vj are given in Table 2.2.

Several papers are available on the critical nozzle velocity.
Smith and Moss (1917) found the critical velocity, Vg to be

independent of the dispersed phase viscosity and propertional
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Table 2.2  Correlations Predicting the Minimum Jetting
Velocity

Fujinawa et al. (1957):

vj = 1.75x10_2 00'20 d-o'50
Shiffler (1965):
_ o .0.50 0.64 a°*78(a8p)% 39 4.50
v, = 1.97(3—15) {1 - 039 }
J d L
Scheele and Meister (1968b):
- a _ _4,,0.50
vy o= {3(pd d)(l ¢,)}
de Chazal and Ryan (1971):
2
v, = (2950-50 11 97 - 0.75(409d",0.50
j Py d 4g

to (o/pd/d)l/2 + the costant of proportionality being between
2 and 3. Tyler and Watkin (1932) correlated the critical

1/2
c(pd d/o)
. Keith and Hixson (1955) observed that the

velocity by two dimensionless groups, v
2.1/2
c)

drop sizes were much more uniform below the critical velocity

than for those above. Ranz (1958) suggested that the following

and
(o pd/u

equation could be used for the prediction of critical nozzle

velocity :

o 0.50
o d) (2.5)
c

v = 2.83(
C
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From the analysis of Keith and Hixson's (1955) data, Hughmark
(1967) suggested :
0.50

- o]

v, = 2.94 (D d) (2.6)
d

Combining this equation with equation (2.4) shows that Ve = 2vj
as suggested by Ruff (1978).

The critical velocity and the corresponding critical drop
diameter can also be calculated by using the equations given
by Treybal (1963) :

vy = 0.9082 ( e ) V2 e
c -90(3 0.5137 py + 0.4719 o,

Yo 07— 1 eor ms < 0.615 (2.7b)
a -07 5 a85E8 + 1 . .

Yo 509 1 for E& > 0.615 (2.7¢)
3 07 1T5188V2 ¥ 0.12 . :
where E6 = Apg dz/o. Equations (2.7b,c) predict a minimum

average drop diameter.

Although the correlation of de Chazal and Ryan (see Table 2.1)
does not extend to the critical nozzle velocity it may still

be used to calculate the drop diameter in part of the jetting
region when the following inequality given by the same authors

is satisfied :

< 2.16 (__0_7)0.95 (AQ) (2.8)

v
vgd Apg d P

Jetting conditions received the major emphasis in the investi-
gation of Skelland and Johnson (1974). For the 6 liquid/liquid
systems they studied the ratio of the critical drop diameter

to the critical jet diameter varied between 1.8 and 2.6, the
mid-point of the range being 2.2 (the value of 2.2 differs
slightly from 2.07 reported by Christiansen and Hixson (1957)).

These authors have given a calculation scheme to determine the
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drop diameter in the jetting region which involves the calcu-

lation of the critical velocity using equations (2.7a-c). The

critical velocity so computed is then used to calculate the Al
dimensionless nozzle velocity, v/vc, which in turn is required

in a graph given by them to determine the dimensionless drop

diameter, ¢/djc; the critical jet diameter djc is obtained

from equations (2.7b,c), replacing ¢c by 2.07djc and finally

the actual drop diameter.

2.1.3 Multiple Nozzles

When drops are formed from a set of nozzles, adjacent nozzles

may affect the drop size formed at any single nozzle. It is

therefore important to consider the pitch and arrangement of

nozzles on the distributor plate. At low flow rates of the

dispersed phase not all the nozzles are in operation; moreover,

the drop size formed can be several times the nozzle size and

if the nozzles are not set sufficiently wide apart, growing

drops may touch each other and coalesce. In the jetting

region interference among the adjacent jets due to the "weaving" -

of the jets could also affect the drop size.

If the drops are formed by a perforated plate and the plate
material is wetted by the dispersed phase, at low nozzle
velocities the dispersed phase not only wets the orifice peri-
meter but also spreads over a wider surface resulting in the
formation of non-uniform large drops without any reproducibility
(Perrut and Loutaty, 1972). According to Ruff et al. (1976)

and Mersmann (1977) the seeping of the continuous phase through
the orifices in a perforated plate can be avoided and drop
formation from all the orifices is secured if the dimensionless

group v2 d pd/o is greater than 2.

Perrut and Loutaty (1972) formed drops using 12 different
perforated plates. For the 15 ligquid/liquid systems investigated
the average drop size was linearly related to the EStvds number

in the jetting region

g = 2.07 (1L - 0.193E8) (2.9)
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Vedaiyan (1969) studied the drop formation for 4 liquid/liquid
systems using 7 different distributors with nozzle sizes of

1 to 4.75 mm. He found that the drop size produced by multiple
nozzles decreased exponentially with the nozzle velocity and
continued to decrease even beyond the critical velocity. A
correlation was proposed for the prediction of the Sauter

mean drop diameter given by :

2

¢ bpg,v2 _ v© -0.0665
32 CEHTE = 1.5920553) (2.10)

Miller and Pilhofer (1976) experimentally investigated the
drop formation for the toluene/water system using perforated
plates with a large number of orifices (195-5910). They found
that at low flow rates of the dispersed phase (single drop
region), the drops were smaller than those formed from single
nozzles and gave the explanation that at low flow rates not
all the orifices operate and the active orifices in fact operate
near jetting velocity. When all orifices operated (jetting
region) the drop formation from each orifice of the perforated
plate was like that from a single nozzle of the same size;

the drop diameter decreased with increasing nozzle velocity
and reached a minimum (corresponding to the critical velocity)
and began to increase beyond the critical velocity.

Horvath (1976) used multiple nozzles of 1 mm diameter and 10 mm
length, arranged on a triangular pitch of 7 mm. His data on
the o-xylene/water system shows an S-shaped variation of the
drop size with the nozzle velocity. Based on his data, Horvath
et al.(1978) suggested an empirical equation for the jetting
region which correlates the Sauter mean drop diameter with
variables Ve and ¢c given by equations (2.7a-c). The final form
of the equation is

v

¢
32 - € 4 0.71 log (X (2.11)
b v e V

C
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2.2 Liquid/Liquid Dispersions in Stirred Vessels

In a stirred vessel two immiscible liquids are agitated so as
to disperse one of them into fine droplets of large interfacial
area. Forces produced by turbulent fluctuations and viscous
friction tend to break up the droplets, whereas collisions
among drops may result in coalescence. When the agitation is
maintained under constant conditions a dynamic equilibrium
between break-up and coalescence processes is obtained. The
characteristics of a droplet dispersion depend on the geometry
and size of the mixer and its construction material, the
intensity of agitation, phase ratio and the physical properties

of the liquid/liquid system.

In addition to the information on mass transfer coefficients
and interfacial area, a knowledge of further operating parameters
such as the minimum impeller speed for complete dispersion, phase

inversion ratio and scale-up behaviour is very important.

2.2.1 Minimum Impeller Speeds for Complete Dispersion and
Uniform Dispersion

The minimum impeller speeds for both complete and uniform dis-
persion should be known to enable efficient design of the mixing
tank. Complete dispersion refers to a situation in which no
large drops or agglomerates of drops are found on the bottom of
the mixing tank or at the liquid surface. On the other hand,
uniform dispersion describes a situation in which the concen-

tration of droplets is constant throughout the mixing tank.

Nagata et al. (1950) performed a limited study on liquid/liquid
systems in an unbaffled, flat-bottomed cylindrical vessel using

a centrally mounted, four-bladed paddle with a T/D of 3, a

blade width of 0.06T and liquid height equal to the vessel diameter.
The following empirical correlation was proposed :

- M
N = 6D 2/3 (BE)Vg (%3)0.26 (2.12)

m
o] C

where Nrn is the minimum impeller speed for complete mixing.
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"It follows from equation (2.12) that Nm is independent of

interfacial tension and dispersed phase viscosity.

van Heuven and Beek (1971) investigated the design and scale-up
rules for power input, drop size and minimum impeller speed for
complete dispersion using 7 different baffled cylindrical tanks
with turbine impellers. They gave the following correlation for
Nm for the 4 liquid/liquid systems they studied :

2 2 2

N° D N D°p . _ u _

o T35 (T 75 (Boy g 4 5.5 7/3 (2.13)
g He Pe © Pe

It follows from the above equation that for scale—up,ern'6 D2

should be kept constant.

Skelland and Seksaria (1978) observed six distinct types of
mixing phenomena in an experimental study of the minimum im-
peller speeds required for complete dispersion in baffled mixing
tanks. The variables invéstigated were size, location and form
of impeller and the physical properties of 5 equal-volume
liquid/liquid systems. They correlated 195 results with the

following expression

m
2.1 179 .-1/9 0.3 , 0.25
n 2.1 D nG T Mg o bp (2.14)

The constant C2 1 and index m, 4 depend upon the type of im-

peller and position of impeller in the mixing tank.

As pointed out earlier, complete dispersion refers only to the
elimination of separate layers, without regard to uniformity

of mixing. Pavlushenko and Ianishevskii (1958) defined the
minimum impeller speed for uniform dispersion, Nu’ as the number
of revolutions per unit time at which the relative concentration
of the dispersed phase reaches 100 percent over the entire
stirred volume. These authors performed experiments on 15
liquid/liquid sytems using glass vessels of standardized spheri-
cal bottoms and gave correlations to estimate Nu for propeller

and turbine agitators in baffled as well as unbaffled vessels.
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1
Thefr important conclusions were :

1) phase ratio has no effect on Nu;

2) N, increases with increasing vessel diameter if the
baffles are present, but is independent of vessel
diameter in the absence of baffles;

3) Nu decreases with decreasing distance of the impeller

from the bottom of the vessel.

Skelland and Lee (1978) used the mixing index developed by
Hixson and Tenney (1935) and defined the minimum speed of the
impeller for uniform mixing as the rotational speed that is
just sufficient to give a mixing index of 98%. According to
these authors, this condition corresponds to gross uniformity
of the proportions of dispersed to continuocus phase in all
sampled parts of an agitated vessel. Further, all droplets
are not necessarily equally sized or equally spaced in this
state, Their experimental results of 5 equal-volume liquid/
liquid systems (same as those used by Skelland and Seksaria
(1978)) were again correlated by equation (2.14), the values
of Nu being about 8% greater than Nm on the average.

2.2.2 Phase Inversion

The identification of the dispersed phase under all conditions
and the limits of stability of dispersions are very important
in solvent extraction operations. Phase inversion is the tran-
sition from one phase dispersed to the other. It is generally
represented graphically by plotting the volume fraction of the
dispersed phase in an heterogeneous mixture at inversion against
the impeller speed. Figure 2.1 depicts a phase diagram which
is typical of agitated heterogeneous liquid/liquid systems
(Luhning and Sawistowski, 1971, Arashmid and Jeffreys, 1980).
Such an inversion characteristic demonstrates the existence

of a hysteresis effect, represented graphically by two curves
defining an ambivalent region. The system can only exist as
aqueous dispersed/organic continuous above the upper curve,

and as organic dispersed/aquecus continuous below the lower



21

70 —
60 | — Water Dispersed
v
]
L]
£
e 50 —
K Ambijvalent Region
@
o
S a0
t
¢ Organic Dispersed
o 30—
a
20|
10 | 1 |
5 10 15 20

N, 1Ys

Figure 2.1 Typical Inversion Characteristics for Oil/Water
Dispersion

curve. In between the two curves either aqueous or organic
dispersed dispersions can be maintained, and in this region

spontaneous phase inversion can take place.

Since considerations of plant performance usually dictate
operation within the ambivalent region, it is necessary to be
able to predict the ambivalent range and the phase inversion
concentrations. Phase inversion may lead to sudden increases
in phase entrainments and flooding in gravity settlers (Rowden
et al., 1975).
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From a geometric viewpoint the drops of one phase in another
would remain dispersed until they occupied approximately 74%
of the total volume (close packing). Any further addition of
the drop phase would lead to distortion of the drops with the
resultant forces leading to thinning of the continuous phase
films and, provided no other forces were present, eventually
to coalescence. In this situation the shock of two drops
coalescing might well be sufficient to cause other drops to

coalesce, leading to phase inversion.

Even though the energy released on coalescence is small it is
in fact released over a very short time (Levich, 1962) possibly
giving rise to quite an intense pressure wave. This might well

be the reason why phase inversion appears to occur so suddenly.

Forces of attraction or repulsion between the drops or between
the drop and a surface could significantly alter this static
picture and in this respect one would expect surfactants to
play an important part. Viscosity could have a significant
damping effect on the rate of coalescence, due both to the
rate of thinning of the continuous phase film and the rate
of coalescence of the dispersed phase. Other factors which
may influence phase inversion include the density difference
between the two phases. interfacial tension and agitator
speed. Impeller position, number and shape, geometry of the
mixing tank,and finally temperature, owing to its effect on
the physical properties of the stirred liquids, may also be

effective on phase inversion.

Rodger et al. (1956) in a study of the interfacial area in
concentrated dispersions reported some qualitative observations
on phase inversion. They found that at low rates of energy in-
put the stable dispersion was oil-in-water, but as the energy
input rate was increased the dispersion would invert to water-
in-oil. They also observed that phase inversion occurred more
readily in systems in which the ratio of the difference in

densities to the continuous phase density (Ao/pc) was large.

Quinn and Sigloh (1963) dealt with phase inversion in mixing
immiscible liquids and found that the volume fraction of the
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organic phase at phase inversion decreased with increasing
impeller speed and became independent of the stirring speed

at speeds 2 to 3 times the minimum speed for complete dispersion.
They also observed that a water continuous dispersion resulted
if the impeller was placed entirely in the water phase and,
correspondingly, an organic continuous dispersion could be
obtained by placing the impeller in the organic phase.

Yeh et al. (1964) found that temperature, interfacial tension
and density had no effect on points of inversion. According to
their volume-viscosity relationship the phase-volume ratio at
the point of inversion is equal to the square root of the inter-

facial viscosities of the respective phases.

Selker and Sleicher, (1965) studied factors affecting the dis-
persion of two immiscible liquids. The variables investigated
were viscosities, densities, impeller speed, manner of initiating
the dispersion and the construction materials of the mixing
apparatus. They concluded that the range of volume fraction
within which either of the two immiscible liquids could be dis-
persed depended mainly on the viscosity ratio of the liquids;

as the viscosity of a phase increased, its tendency to be dis-
persed increased. Within the ambivalent range the phase that

was dispersed depended upon the mixing procedure.

Luhning and Sawistowski (1971) found that interfacial tension
is one of the main factors affecting the width of the ambivalent
region. They gave an empirical correlation indicating that an
increase in interfacial tension would result in decreasing the

width of the ambivalent region.

A study by McClarey and Mansoori (1978) shows that temperature,
density difference and viscosity difference between the mixed
phases are the most important factors to be effective on phase
inversion. In addition, at low mixing speeds the wettability
of phases with the mixing tank surface could also determine the

dispersed phase.

Arashmid and Jeffreys {1980) quantified the parameters controlling
phase inversion. They combined the correlations of collision

frequency and coalescence frequency with the models relating
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drop size and dispersed phase hold-up to the mixing speed
to predict the ambivalent region and phase inversion

compositions.

2.2.3 Drop Size

In an agitated vessel it is expected that the droplets
continually coalesce and redisperse, so that a drop size dis-
tribution is produced. The mean size represents a dynamic
equilibrium between the break-up and coalescence phenomena,
with the characteristics of break-up predominating in dilute
dispersions and those of coalescence in concentrated. Further-
more, it is known that the velocity of the liquid in an agi-
tated vessel varies from place to place, being greatest in the
immediate vicinity of the impeller blades (Sachs and Rushton
1954, Norwood and Metzner, 1960). Therefore, one may expect

a variation in the vessel. These variations in size have been
observed (Calderbank, 1958, Sprow, 1967b, Mlynek and Resnick,
1972, Weinstein and Treybal, 1973) and coalescence with re-
dispersion has been proved (Madden and Damerell, 1962,
Coulaloglou and Tavlarides, 1977, Verhoff et al., 1977, Ross
et al., 1978).

Based on the theory of local isotropy (Kolmogoroff, 1941a,b)
expressions have been derived (Shinnar, 1961, Sprow, 1967a)
for the maximum drop diameter than can be obtained in locally
isotropic regions in a baffled vessel. Two mechanisms are
apparent: one in which inertial effects predominate in the
break-up of a drop, and another in which viscous forces cause

break-up. The resulting equations are :

_ 3/5 -3/5 .. ~6/5 _~4/5
Pmax = C2.2 © Pe N D (2.15)
for break-up through inertial effects, and

- y2 -1  -3/2 -1
bmax = C2.30v¢  we N /%D Elug/ug) (2.186)

for break-up due to viscous shear.
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It is usually believed (Shinnar, 1961) that equations (2.15)
and (2.16) should apply to droplets larger and smaller than the
Kolmogoroff length, respectively. The Kolmogoroff length n

is defined as :

no= et ' (2.17)

where e is the rate of energy dissipation per unit mass.

Shinnar and Church (1960), Shinnar (1961) and Sprow (1967b)
derived an expression for the minimum stable droplet diameter
for a locally isotropic flow field and in the region of inertial

effects as :

-3/8 ,-3/4 _-V¥2

N D

min 2.4 c (2.18)

where F is a force parameter representing the force of inter-

action between two particles.

For the region of viscous shear, Sprow (1967b) suggested the

following equation

- U2 y4 -y2
®nin = C2.5F Ve Ve N

=3/4 pmv2 (2.19)

It is clear that the diameters defined in equations (2.15),
(2.16), (2.18) and (2.19) are in reality statistical averages;
in the case of (2.15) and (2.16) of the drop size at which
break-up most probably occurs, and in the case of (2.18) and
(2.19) of the drop size above which prevention of coalescence

becomes effective.

The parameter of interest is the Sauter mean drop diameter,
¢32 which is related to the surface area per unit volume,S,
and hold-up of the dispersed phase,e, by the equation :

- B€ .
%3 = g (2.20)
A summary of the various correlations currently available in
the literature for Sauter mean diameters in agitated vessels
is given in Table 2.3. Care should be taken in any comparisons

because of the variety of operating conditions, range of
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physical properties and effects of trace amount of

impurities.

Most of the correlations in Table 2.3 may be put in the

following general form in terms of tank Weber number, We,, =

2.3 T
(ch D~ /o), and hold-up,tc :
¢
32 -0.6
o = C, oWeq f(e) (2.21)

The hold-up function f(€) can be expressed by the linear
relation :
fle) = 1 + Cz.loe (2.22)

There does not seem to be any general agreement on the values

of C the reported range varying between 2.5 and 9.

2.10'

Doulah (1975) argued that because the dispersion viscosity
depends on hold-up and because turbulent scales are affected,
drop sizes in concentrated dispersions should depend on the
dispersion viscosity. He shows that the hold-up function
defined by equation (2.22) is in fact due to a reduction of

turbulence intensities in the presence of the dispersed phase.

Delichatsios and Probstein (1976) suggested that the increase
in drop size with dispersed phase volume fraction cannot be
attributed entirely to turbulence damping caused by the dis-
persed phase. Their analysis shows that increased drop size
with higher fractional hold-up can be accounted for by allowing
for coalescence. These authors have given a semi-empirical

equation for the hold-up function

f(e) = {- Zlgin(O.Oll + C

2.11€)}—3/5 (2.23)

The constant C2 ll,which depends on the ratio of coalescence
to break-up coefficients,must be determined empirically since

it is expected to vary with the purity of the dispersion.
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2.3 Motion of Liquid Drops

The Study of motion of a drop swarm through a mobile continuous
phase medium is an important aspect of ligquid/liquid extraction
since velocities of the drop phase determine the hold-up of

the dispersed phase in an extraction column. However, the hydro-
dynamic aspects are so complex that there is a serious lack of
quantitative information, and on the other hand, there are many
assumptions in the mathematical models used to describe the
situation. The drag force acting on a liquid drop will not, in
general, be the same as that acting on a rigid particle because
the circulation inside the drop reduces the velocity gradient

at the fluid/liquid interface, thereby reducing the drag force.
In addition, the drops deform and oscillate unless they are

very small, so that the interfacial tension forces predominate.
The drag force acting on a drop in a drop swarm is further
complicated by the complex motion of the continuous phase bet-

ween the drops.

2.3.1 Terminal Velocities of Single Drops

Very small drops behave like rigid spheres and their velocity
can be described by Stokes' law (creeping flow). The total

drag force, F can be obtained analytically by solving the

DI
Navier-Stokes equations of motion, neglecting the inertial
term and assuming, as boundary conditions, zero velocity on the
drop surface. The simple Stokes' law of resistance thus ob-

tained is :

FD = 3Tugdu (2.24a)
24y
. e o2
CD = DCU¢ Re (2.24Db)
¢2A
U = $ _8p9 (2.24c)
lBuc

which holds at Re of 0.2 or less. The total drag force is

composed of both skin friction and form drag.

Utilizing the ideal internal circulation model, Hadamard

(1911) and Rybczinski (1911) arrived at a Stokes' law
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correction factor as given below :

3ud + 2uc

F_. = 3nuc¢U (3u

~d "¢ (2.25a)
D 4 ¥ 3ug

and the terminal velocity of the mobile drop is given by :

2 3p, +3u
U = 91359 (3ud =) (2.25b)
C d o]

Surface tension forces act in a direction tangent to the inter-
face. Boussinesqg (1913) assumed that for a surface undergoing
"dilation" there must be another force acting normal to the

interface. He gave a Stokes' law correction factor as :

$
Lt 3 (Bug + 2p.)

F_ = 3mu _¢U { } (2.26a)
D c C + %(311d +3u,)
and hence
]
_ o2apg (Bt 7 Bug * 3w
U = 18, { 3 )} (2.26b)
c T+ 5 (3ud + 2uc

in which ¢ is the dynamic increment to the normal surface
tension,which he called "surface viscosity", determinable

from experimental data.

The derivations of Hadamard (1911), Rybczinski (1911) and
Boussinesq (1913) hold for laminar flow of both drop and
continuous fluids. The upper limit of applicability of these

equations is thought of as Re =~ 1.

In the derivation of the preceding equations inertial forces
were neglected but most practical situations involve both
viscous and inertial forces. However, the Navier-Stokes
equations can not then be solved and empirical formulae are
required.

For Re > 10, the terminal velocities of single drops as a
function of drop size and physical properties of liquid/liquid
systems have been investigated by many authors (Hu and Kintner,
1955, Keith and Hixson, 1955, Licht and Narasimhamurthy, 1955,

Klee and Treybal, 1956, Johnson and Braida, 1957, Strom and
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I Rigid Spheres

Figure 2.2 Typical Terminal Velocity Curve

Kintner, 1958, Krishna et al., 1959, Warshay et al.,1959,
Harmathy, 1960 and Elzinga and Banchero, 1961). A typical ploﬁ
of terminal velocity versus equivalent drop diameter for low
viscosity continuous liquids is shown in Figure 2.2. Small drops
in region AB will be spherical in shape, will not circulate in-
ternally and their terminal velocity will generally be that of
a rigid sphere of equal size and density moving in the same
continuous liquid, As the drop diameter is increasedthe curve

BC deviates from the rigid sphere line owing to the gradual dis-
. tortion of the drop from the spherical to an ellipsoidal shape

with the minor axis oriented along the direction of movement.
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As the drop size is increased further the terminal velocity
passes through a maximum, or peak, velocity. After this peak
point, a further increase in drop diameter does not result in
any appreciable change in terminal velocity which attains
constancy, independent of drop size, till a maximum possible
drop size is reached. This condition is shown by curve CD.
Beyond this, drops can not exist as single entities but will

break up into two or more smaller ones.

A typical drag curve will appear as in Figure 2.3. The
equivalent drop diameter has been used in both CD and Re. Small
drops at low Reynolds numbers take the path of rigid spheres
along the curve AB. At a Reynolds number of about 1000 there
is an abrupt increase in drag coefficient, after which drop
break~up occurs. The region of abrupt change is represented
by curve CD, The break in drag coefficient corresponds to

the oscillation threshold and this corresponds to the maximum
terminal velocity (Garner and Skelland, 1955, Hu and Kintner,
1955, Klee and Treybal, 1956).

Many empirical correlations for the terminal velocities of
liguid drops are available in the literature (Hu and Kintner,
1955, Licht and Narasimhamurthy, 1955, Klee and Treybal,1956,
Johnson and Braida, 1957, Krishna et al., 1959, Harmathy, 1960).
The most frequently used equations of Hu and Kintner can be re-

written as :

pﬁw p0-15 {0.798(5—@%ﬁ.1—5)0'784 - 0.75) (2.27a)
C

for 2 <éé£3$§822;i3 < 70

and

pﬁUd) = p0-15 {3.701(4—“191—51‘¥)0'422 - 0.75} (2.27Db)
C

for ﬂggg%}f_’i > 70

where P = (pg 03)/(gugAp). These equations were reported to

give errors below 10 percent in the terminal velocity.
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Klee and Treybal (1956) also arrived at two equations, one for
the region below the peak terminal velocity and one for that

above the peak. Their equations, in SI units, are as follows:

U = 3.04 pc—0.45 Ap0.58 uc—O.ll ¢0'70 (2.28a)
and
U = 4.96 pC—O.SS Ap0.28 uc0.10 O0.18 (2.28Db)

The transition diameter ¢T’ is given by the solution of these
two eguations as :
0‘14AE

0.43 u 0.39 00.18 (2.28¢)

¢, = 1.77 g c

T
These authors warn that their equations are simply good
approximations and describe their data and those of other
authors fairly accurately. The continuous liquid in all

systems used was one of low viscosity.

2.3.2 Dispersed Phase Hold-up and Slip Velocity in
Spray Extraction Columns

The extensive study of Mertes and Rhodes (1955) and later

the work of Lapidus and Elgin (1957) have shown that the
concept of slip velocity can be used to compare and correlate
dispersed phase hold-up data in solvent extraction columns.
The slip velocity Vs' of a droplet relative to the continuous
phase in a multidrop dispersion is related to the apparent

velocities of the continuous and dispersed phases, Vc and

Vd by :
v \Y
_ [ d
Vs = 1. Y T (2.29)

The slip velocity is nofmall§ correlated by using-different
parameters (drop size, hold-up and physical properties of the
phases) and the dispersed phase hold-up is computed numerically.
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Ergun (1952) developed an eqguation for the pressure drop

in packed beds which was extended by Andersson (1961) for
ideally fluidized beds consisting of solid spheres of uni-
form size by including a tortuosity factor,q', and a cross-
section factor, w, both of which are functions of void
fraction. The Andersson equation can be re-written for
countercurrent flow of two immiscible liguids, when one of

the liquids is dispersed as droplets in the other, as :

2

.o v oV

Ap _ 2 € .,2 'c s 3 € c's
1, 36wq = —$§;— + 6Ca'> (77) %35 (2.30)

This equation is related to the hold-up of the dispersed
phase by the static pressure drop formula:

éLE E=3 gApg (2.31)

The inertial drag coefficient, CI’ which is a measure of

the deviation from Stokes' law, is given by :

(cp - 24 (2.32) .

@]
#
o=

-
and it can be calculated by using the velocity,U, of a
single drop in an infinite medium using equations (2.27a,b)

B

of Hu and Kintner or equations (2.28a-c) of Klee and Treybal.

Based on experimental data of spray columns, Pilhofer (1974)
gave empirical expressions for the correction factors wq'2
and q'3 which are slightly different from those reported

by Andersson for fluidized beds :

W2 _ 1-¢ 3
wq = 5 exP(ﬁTE:ETEEZE) for 0.06 < ¢ < 0.55 (2.33a)
2 _ 1-¢ 0.44¢
wqg = 2.2 e eXp(T:BTETE) for 0.55 < € < 0.74 (2.33b)
and
- H
g3 = 5(155)0'45 (1 - 0.31(32)0'39} (2.33¢) ‘

d
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Combining equations (2.30) and (2.31) and re-writing, one
obtains:

2 ¢ 6ca’
Ar = 36wq' W ReE,O + —a—:—g—)-' Reelo (2.34)

= 3 2 - .
where Ar = gAp¢32 pc/uc and Ree,o = pch¢32/uC. Solving

equation (2.34) for Re€ 0’ the following expression is
r
obtained :
oV ¢ 2 c.q'3ar(1-93
c s'32 _ 3wq' { I ) + l}vz -1 (2.35)

e (I-e)q 3¢y 54(wq'Z¢€)2 :
Pilhofer used equations (2.27a,b) to calculate CI and found
that the slip velocities calculated from equation (2.35)
were too low when (4Apg¢2P0‘15)/(30) > 70. For this reason
he modified equation (2.32) to :

Ar-Ar

_ 1 _ 24 _ .1.29 G,-1.74

c;= 5 €y - ) {1 - ¢ (—ArG) } (2.36)
. : 2.0.15 _

where ArG is the Archimedes number at (4Apg¢ P y/(30) = 70,
calculated from
Ar, = 371.9p0-273 (2.37)

G

Modified values of CI calculated from equation (2.36) are
sometimes negative (Kumar et al., 1980). Better agreement
between experimental and calculated slip velocities can be

obtained if the following equation (Pilhofer, 1979) is
2.0.15

used for the region (4Apgé“P y/(3c) > 70 :
Ar - Ar,
_ 1 _ 24 _ 1.19 G,0.47
C;y = 3 €y - RS {1 € (———X;g—~) } (2.38)

In such a situation equation (2.33c¢c) defining q'3 should be
retained (whereas the definition q'3 = 5{6/(l—€)}0'45 should

be used in conjunction with equation (2.36)).

Zenz (1957) suggested that the necessary trial-and-error
procedure for estimating terminal velocity in terms of

particle diameter can be avoided if (Re/CD)V3 is plotted
2 ¥3
)

against (Re CD which is, in effect, a plot of terminal
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velocity versus diameter of the particle, the other quantities
involved being simply the physical properties of the system.
In a similar manner, Barnea and Mizrahi (1975e) correlated

the data on spray columns using extended definitions of drag
coefficients and Reynolds number, taking into account momentum

transfer, wall and hydrostatic effects, as given below :

c _ 4begeg, (1 -¢) (2.39)
be,1 3ocvg ° (1 + e¥3) °
and

PV $

c 5732
Re€'1 = __G_—__ (2.40)

€

where U is the effective viscosity of the dispersion. An

expression for calculating U, was also provided :
*

2 Hy
§ B + n—-
He = Mg B(——J&‘—) (2.41a)
B+ -8
uC
where
u,o o+ 2.5u
B = exp{o=2t (== d (2.41b)

I(i=¢) (2'5“c+2'5“d

and u*d is the effective viscosity of the dispersed phase.
However, due to difficulties in estimating ua these authors
used ud instead of vy for the calculation of Ve - They
plotted (Res,l/cDe,l)UB versus (Reg,che,l)V3 for 88 data
points on 12 liquid/liiquid systems and showedthat the CD—Re
correlation for a single solid sphere in an infinite fluid

medium fitted the data points satisfactorily.

Ishii and zuber (1979) gave drag coefficient and slip velocity
correlations for the dispersed two-phase flow of bubbles, drops
and sclid particles. They defined the drag coefficient for
multi-particle systems as :

_ 40pgd(l-c)
Cpe,2 -—9———300\,% (2.42)
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whereas the Reynolds number was defined in the same manner
as by Barnea and Mizrahi (equation (2.40)), but a different
expression was given for the effective viscosity of multi-
particle systems. A set of equations relating the drag
coefficient to the Reynolds number with their limits of
applicability has been provided by these authors.

Thornton (1956) suggested another relationship to correlate
the hold-up in spray columns :

vc V4
Vo(l‘E) = ﬁ + r (2.43)

where Vo is termed as the characteristic velocity of the
drop swarm and may be identified with the actual terminal
velocity of a single drop when Vc is zero and Vd tends to zero.

Equation (2.43) suggests that for a particular liquid/liquid
€

c l-¢

sus €{(1l-¢) should be a straight line passing through the

system and distributor geometry a plot of (Vd + Vv ) ver-
origin with VO as its slope. However, for each of the 4 liquid/
liquid systems and 7 different distributors used, Vedaiyan

(1969) found that such plots were curvilinear and attributed
the deviation from constancy of V0 to variation of drop size
with the dispersed phase throughput. He also gave a correlation
for Vo in terms of nozzle diameter, nozzle velocity and physi-
cal properties of the liquid phases as :

v /@889 V4 | ggg () =0-082 (2.44)

o PE . 2gd :
Continuous phase viscosity was found to have no effect on Vo
and the average error for about 300 data points was reported
to be 10.3%.
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2.3.3 Dispersed Phase Hold-up in Pulsed Sieve-Plate
Extraction Columns

Although spray columns are simple to construct, are inexpensive
and have high flow capacity, they have poor efficiencies.

This is largely due to the high degree of backmixing of the
continuous phase taking place in the column. It is normally
difficult to obtain an equivalent of more than a few theore-
tical stages in a single spray column installation. The degree
of dispersion and hence the mass transfer rates can be con-
siderably enhanced by the introduction of some form of mechani-
cal agitation. In a pulsed sieve-plate ligquid/liquid extraction
column an axial pulsing motion is superimposed on the counter-
current flow of the liquid phases. The agitation is produced
as the phases flow through small holes in the horizontal plates

regularly spaced along the column axis.

The existence of different flow regimes in pulsed sieve-plate
columns has been observed by many authors (Sege and Woodfield,
1954, Sehmel, 1961, Sehmel and Babb, 1963, Sato et al., 1963,
Bell, 1964, Bell and Babb, 1969). These regions are ill-defined -
but may be classified in terms of phase throughputs and fre-
quencies. The mixer-settler regime occurs at low throughputs
and frequencies; the light phase initially resting under the
sieve plate is forced through the holes during the upward move-
ment of the pulse, the heavy phase descending during the down-
ward movement of the pulse. The hold-up is high at low frequen-
cies and decreases as the frequency increases until a minimum
is reached, corresponding to the beginning of the dispersion
regime. In the dispersion regime the hold-up increases slowly
with increasing frequency. Emulsion-type operation, occurring
at higher throughputs and frequencies, and characterized by
uniform dispersion of one phase in the other, provides good
conditions for mass transfer due to the intimate contact of

the phases and high degree of agitation. A further increase

in throughput or frequency leads to unstable operation due to

irreqular coalescence and localized phase inversions in different

sections of the column and is quickly followed by flooding.
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The correlations discussed in this section and in Chapter 4

are based on the above definitions of the regions involved.

Hold-up is an essential parameter in the design of extraction
equipment; a number of authors have given empirical correla~
tions for the prediction of hold-up in pulsed sieve-plate

extraction columns, as summarized in Table 2.4.

Thornton (1957) correlated the hold-up of the dispersed phase
on the basis of characteristic velocity and is only valid for
the emulsion region of operation. Miyauchi and Oya (1965)
defined the mean rate of energy dissipation per unit mass of
mixed phases,e, (having dimensions of length squared divided
by time cubed), as :

af)3

e = G188 3 ¢

(2.45)

where A is the pulsation stroke (twice the amplitude), f the
frequency of oscillation,? the plate spacing and A a function

of the plate free area,x, given by :

2
A= T (1=<5 (2.46a)
The dimensionless proportionality constant C2 18 is defined
by
c _ 51 1.4 a/L (2.46b)
2.18 6 ‘/5 Cg

in which L is the column length and S5 the discharge doefficient
for the flow through holes in the sieve plate. When & << L

and C, = 0.61 the value of 02.18 is 15.6.

Miyauchi and Oya found that it was necessary to include the
dispersed phase velocity to correlate the hold-up data and
postulated that the boundary between dispersion and emulsion
regions occurred when ¢, defined by (us/oAp)v4'Af/(A2)v3,

was equal to 0.0031 mll/12

/s. In view of the peculiar units
it is not clear why the authors chose to modify e (defined

by equation (2.45) in this way.

The parabolic form of the correlation of Bell and Babb (1969)
enables the hold-up to be calculated in all three regimes of
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a pulsed sieve-plate column but requires the empirical deter-
mination of the constants 02 13 and C2 16 dependent on the
physical properties of the liquid/liquid system and C2 14 and

C2 15 dependent on the column geometry.

Although in Mishra and Dutt's (1969) work the hole diameter
do did not vary greatly (4.8 to 6.4 mm), a strong dependence
of hold-up on this dimension in the dispersion region of

operation was reported by these authors.
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3. COALESCENCE OF SINGLE DROPS AND DROPLET DISPERSIONS

In liquid/liquid extraction processes intimate contacting of
the solvent phases to achieve good mass transfer is followed
by separation of the phases to recover solvents and solute.
To enhance mass transfer the interfacial area should be in-
creased by breaking droplets into a fine dispersion, but easy
separation requires a dispersion of large drops. Since both
steps are important in an extraction process, this poses a

difficult problem in the design of the apparatus.

The rate of separation depends on the drop size, drop size
distribution, density difference and viscosities of the liquids,
interfacial tension and hold-up of the dispersed phase. Based
on the mean drop size, dispersions may be classified into two

categories. These are :

1) Primary dispersions in which the drop diameters are of the
order of 100 microns and above (Sareen et al., 1966). In such
dispersions when agitation is stopped, the drops readily settle
due to gravity forces and collect at the phase boundary bet-
ween the two liquids, separation finally taking place by drop/
drop coalescence within the dispersion and drop/interface

coalescence at the phase interface.

2) Secondary dispersions are made of sub-micron sized droplets.
Unlike primary dispersions these will not readily settle to
form a heterogeneous zone at the phase boundary and thus simple
gravity settlers are not efficient for the separation of secon-
dary dispersions so that other methods should be employed
(Sareen et al., 1966).

To facilitate separation, the drop size distribution should

be controlled to minimize the formation of secondary dispersions.
However, seondary hazes are formed within a primary dispersion
due to partial coalescence (Davies et al., 1970b) and these can

affect the final separation.

The coalescence process is complex and relatively little work
has been carried out on coalescence within droplet dispersions.

Most of the literature on this subject deals with the coalescence
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of single drops at an interface.

3.1 Coalescence of a Drop at a Liquid Interface

The study of a single drop resting on a plane or deformable
liquid/liquid interface has been the subject of many investi-
gations. This is understandable because before the coalescence
of dispersions of the type existing in engineering equipment
can be predicted, all the factors involved must be identified

and their significance estimated.

According to Jeffreys and Davies (1971) the single drop

coalescence process takes place through five consecutive stages:

1) the approach of the drbp to the interface, resulting in

deformation of both drop and the interface;
2) damped oscillation of the drop at the interface;

3) the formation of a film of the continuous phase between
the drop and its bulk phase;

4) drainage of the film, its rupture and removal with the

initiation of the coalescence process proper, and

5) whole or partial drop transfer to its bulk phase.

The completion time for the above steps is called the coalescence
time which usually consists mainly of the film drainage time

(known as rest time ), since other steps are relatively fast.

3.1.1 Coalescence Time Distributions

Many workers have found that the coalescence times of indivi-
dual drops in a given liquid/liquid system are not constant,
but if a sufficiently large number of drops are examined
separately, a distribution curve is obtained. The distribution
data of several investigators (Cockbain and McRoberts, 1953,
Gillespie and Rideal, 1956, Nielsen et al., 1958, Charles and
Mason, 1960b, Jeffreys and Lawson, 1965, Edge and Greaves, 1967)

show good agreement with an equation of the type :
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M31

) (3.1)

M = - -
log, (ﬁ;) =G, (¢t Tmin

where Mo is the total number of drops studied and M the number

that did not coalesce in time t. The time T is taken as an

min
initial rest time to drain the film to a critical thickness

before coalescence can occur, and C is a rate constant

3.1
dependent on the physical properties of the system and capillary
waves generated by thermal and mechanical disturbances
(Gillespie and Rideal, 1956) :

o _ 120,0.5

3.1 C3.2(u0¢ (3.2)

C 2 and my ; are empirical constants. The following values of

m3 have been found :

m3.1 Reference

1.0 Cockbain and McRoberts (1953)

1.5 Gillespie and Rideal (1956)
Nielsen et al. (1958)
Charles and Mason (1960b)

2.0 Jeffreys and Lawson (1965)

1.75 - 3.0 Edge and Greaves (1967)

Elton and Picknett (1957) found that the possibility of
coalescence fell off continuously with increasing separation
of the drop and the interface, as opposed to approaching zero
at a finite film thickness as assumed by Gillespie and Rideal
(1956) . They reported instances where drops coalesced immedi-
ately on arrival at the interface and consequently proposed
that the coalescence times would be best correlated by :

log

M
e G = -yt (3.3)
o]

where m, , was 2 for high and 3 for low electrolyte concen-
trations. Jeffreys and Lawson (1965) and Jeffreys and Hawkesley
(1965a) found a value of 4 for all systems with or without
solute transfer between the liquid phases. Results of Davies

et al.(1971) on two-~component systems show my 5 to vary between
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0.78 and 5.81.

Reproducibility of results has always been difficult because
of many factors: interfacial purity (Hodgson and Lee, 1969 ,
Barber and Hartland, 1976), interfacial tension gradients
created by the motion of fluid adjacent to the interface
(Hartland et al., 1975), irregular approach of the drop to
the interface, giving rise to a film of non-uniform thickness
lacking axial symmetry, circulation within the drop and its
homophase adjacent to the interface (Hartland, 1969a, Reed
et al., 1974a,b, Riolo et al., 1975), vibrations and tem-
perature fluctuations. '

3.1.2 Factors Affecting Coalescence Times

The coalescence of a single drop at an interface is accomp-
lished through draining and rupture of the film of the conti-
nuous phase. The factors affecting the drainage and rupture

have been investigated by many authors and will be discussed

below. It must however be emphasized here that the conclusions

and statementsof different authors in describing the effects

of these factors are often conflicting and confusing.
i) Droplet Size

It is generally accepted by most authors that single drop/
interface coalescence times increase with drop diameter, but
the exact relationship is not clear. Larger drops tend to
flatten more than smaller ones so that the draining film is
larger in area. However, the force pressing on the film is
also larger and it is difficult to evaluate these two effects
unless the actual drop dimensions and shape of the interface

are known.

The dependence of mean coalescence time on the drop diameter

can be expressed as :

3.3 (3.4)
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The following values of m have been found :

3.3

my 4 Reference

3.15 Charles and Mason (1960b)

1.0 Jeffreys and Hawksley (1965a)
1.0 Hanson and Brown (1967)

1.5 Lawson (1967)

2.1 Komasava and Otake(1970)
0.6-2.9 Burrill and Woods (1973b)

There are however opposing trends in the literature. Cockbain
and McRoberts (1953) investigating oil/water systems con-
taining surfactants, reported that the mean coalescence time
of benzene and paraffin drops showed no marked change between
¢ = 0.98 mm and 2.67 mm but increased rapidly with decreasing
$ below 0.98 mm. Nielsen et al (1958) reported that 1t may
either increase or decrease with ¢ when surfactants are pre-
sent. Lang and Wilke (1971b) also found it difficult to pre-
dict the effect of drop size on 1. Their results on two-
component systems reveal some systems in which 1 increase with
size, some that decrease with size and otherw which show no

pattern.

ii) External Forces

Vertically externally applied forces have been shown to increase
coalescence times by decreasing film drainage and increasing
film areas caused by drop deformation (Hartland and Wood, 1973a,
b) .

Shear forces result in uneven drainage which will reduce coales-
cence times (Rumscheidt and Mason, 196la,b). However, the effect
is reduced by the surfactants that decrease unsymmetrical

drainage (Hartland and Robinson, 1970).
iii) Density Difference

The larger the phase density difference the greater the de-

formation of the drop and interface (Lawson, 1967, Jeffreys
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and Davies, 1971). The drop flattens so that the area of the
draining film is increased, whereas the hydrostatic forces
causing the drainage do not increase proportionally

(Jeffreys and Davies, 1971) so that the coalescence time in-
creases., Many workers (Gillespie and Rideal, 1956, Charles
and Mason, 1960a,b, Mackay and Mason, 1963, Jeffreys and
Hawksley, 1965a, Davies et al., 1971, Lang and Wilke, 1971a,b)
have included this factor in their models and correlations.
Conflicting directional effects of Ap indicated by the corre-
lations of coalescence times (Section 3.1.3) are nevertheless

noteworthy.

iv) Curvature of the Interface

Nielsen et al. (1958) observed that the coalescence time of

a drop could be varied by chahging the curvature of the inter-
face; if the drop was on the concave side of the interface so
that the interface curved around the drop, the coalescence
times were considerably longer than when the drop was on the

convex side of the interface.
v) Length of Fall to the Iﬁterface

There are contradictory reports on the effect of distance of
fall to the interface. Nielsen et al. (1958), Davies et al.
(1971) and Burrill and Woods (1973b) found that coalescence
time was independent of the distance the drop settled whereas
Lang and Wilke (1971b) reported that the length of fall could
either increase or decrease the stability of a drop dependent
upon mechanical disturbances produced. However, Jeffreys and
Hawkesley (1965a) and Lawson (1967) suggested that the stability
of a drop should always increase with increase in distance of
fall since the further a drop falls before it reaches the
interface the more disturbances are likely to be caused at the
interface resulting in ejection of the drop and thereby film
thickening and increased coalescence time. Edge and Greaves
(1967) observed larger secondary and tertiary drops at an

increase in distance of fall.
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vi) Viscosity

Increasing continuous phase viscosity results in slower film
drainage and hence longer coalescence times (Allan et al.,
1961, Hanson and Brown, 1967, Lang and Wilke, 1971b). Allan
et al. (1961) also observed that the film thickness at rupture
decreased with increasing continuous phase viscosity. Lang
and Wilke (1971b) found that coalescence time was independent
of the dispersed phase viscosity when the coalescence rate-
determining step was that of film thinning, but it increased
with dispersed phase viscosity when the coalescence rate-
determining step was that of the Taylor instability rupture.
Reed et al.(1974a,b) found that the continuous phase films

of much higher viscosity than the drop phase thin faster than
the converse case, i.e. coalescence time increases with the

dispersed phase viscosity.

vii) Interfacial Tension

A high interfacial tension results in the drop resisting
deformation so that the area of the drainng film decreases
and hence also the coalescence time (Lawson, 1967). However,
an increase in interfacial tension also tends to inhibit the
flow in the film itself, thereby increasing rest times
(Jeffreys and Davies, 1971). The opposing effects of this
physical property are reflected by the coalescence time

correlations discussed in Section 3.1.3.

viii) Presence of a Third Component

The presence of a third component can accelerate or retard
the rate of coalescence. Thus, solid substances promote
coalescence when they are wetted by the drop phase because
solid particles tend to form a bridge across the draining
film thereby promoting its rupture. Charles and Mason (1960b)
deliberately contaminated a water/benzene interface with
glass beads (50 to 150 microns in diameter) and found that
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water drops coalesced instantaneously.

When a third substance is present in a solution of one or

both of the phases its effect on coalescence process may be
varied. The presence of surfactants retard coalescence
(Nielsen et al., 1958, Allan et al., 1961) since they accumu-~
late on both the drop surface and theé interface with the

result that the drainage rate is reduced, probably due to an
increase in interfacial viscosity. Studies of the effect of
surfactants on film drainage rates (Hartland, 1968, Hodgson

and Lee, 1969, Hodgson and Woods, 1969) reveal that surfactants
result in more uniform films, immobile interfaces, stagnated

dimple central regions, and non-uniform barrier region drainage.

Finally, solute transfer into or out of the drop may occur
during the coalescence process. For most pairs of immiscible
liquids the addition of a third component soluble in each phase
lowers the interfacial tension. Thus, when solute is transferred
into the drop, the solute concentration in the film drops more
rapidly than in the bulk of the continuous phase and hence the
interfacial tension inside the film is greater than on the out-
side. The resultant interfacial tension gradient opposés the
drainage so that the rate of coalescence is low. Conversely,
when solute is transferred from the drop into the continuous
phase the film becomes saturated before the bulk and the con-
centration inside the film is greater than outside. This results
in a decrease in the interfacial tension locally which causes
the interface in the contact zone to dilate, drawing with it
part of the intervening film which promotes coalescence. Many
publications (Charles and Mason, 1960b , Mackay and Mason, 1963,
Smith et al., 1963, Jeffreys and Lawson, 1965) corroborating
these two facts are available.

ix) Mutual Solubility

The mutually saturated phases always give longer coalescence
times than the unsaturated phases (Nielsen et al., 1958) since

during the transfer interfacial tension gradients are created
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which reduce 7.
X) Temperature and Temperature Gradients

An increase in temperature decreases continuous phase viscosity
and temperature gradients weaken films, thus decreasing
coalescence times (Cockbain and McRoberts, 1953, Gillespie and
Rideal, 1956, Nielsen et al., 1958, K®énnecke, 1959, Charles

and Mason, 1960b, Jeffreys and Hawksley, 1965a, Lawson, 1967).

xi) Vibration

There are conflicting reports on the effects of vibration on
coalescence times. Mahajan (1934) and Gillespie and Rideal
(1956) suggested that extraneous vibrations of the kind trans-
mitted through laboratory floors and walls tend to stabilize
the draining film, thereby impeding coalescence, whereas ex-
periments carried out by Nielsen et al. (1958) indicate that
vibrations have only a slight effect on the coalescence time.
Cockbain and McRoberts (1953) found that a disturbance of the
interface caused by the coalescence of one drop did not affect
the rate of coalescence of other drops. However, the study of
Lang and Wilke (1971a,b) shows that strong vibrations (natural
or induced) will reduce coalescence time, which may have a
significant effect, depending on whether the coalescence rate-

determining step is that of film drainage or film rupture.

xii) Electrical Effects

D.c. fields assist the coalescence of aqueous droplets (Charles
and Mason, 1960b, Allan and Mason, 1961, Mackay and Mason, 1963,
Brown, 1968). The application of a d.c. field results in the
flattening of a drop so that the area of the draining film is
increased but the forces promoting coalescence are so large that
the rate of thinning is greétly accelerated. It has also been
observed that strong d.c. fields eliminate stagewise coalescence
(Charles and Mason, 1960b, Allan and Mason, 1961).
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Brown and Mason (1965,1968) used high energy a.c.fields

and found similar effects, with electric field application
increasing the rate of drainage of o0il film and probability

of film rupture. The number of stages of coalescence and rest
times of secondary drops formed were also found to decrease
and the coalescence process became single-staged above a

critical field strength.

3.1.3 Coalescence Time Correlations

A limited number of attempts have been made to correlate
coalescence times in terms of physical properties and operating
conditions. Jeffreys and Hawksley (1965a) considered the
factors affecting coalescence time, estimated the significance
of these factors and exponents by factorial experimentation

and arrived at the following correlation for the "half-life"

coalescence time 11/2 :

uv¥2 1.2 —0. 72 0.02(a?/pt/2)0-55
T, = 4.53x10° (SBe T, (Ig e (9, c
12 =4 5 25 2
2, ¥2,0.91
1.0-001(5?/u?) (3.5)

In this equation v, is in centipoises whereas the other

quantities are in cgs units.

Jeffreys and Davies (1971) simplified the analysis by stating
that temperature affected the physical properties only so that
temperature, as such, need not be considered as a variable.
These authors gave the following equation for the mean coales-

cence time, T:
Tg s Uf 0.18 ,Apg9?.0.32
Tog = 135107 ()7 (—pg~) . (3.6)

It should be noted that equations (3.5) and (3.6) are restricted

to a relatively narrow range of physical properties.

Davies et al.(1971) used 8 liquid/liquid sytems covering a
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wide range of physical properties and related the mean

coalescence time as :

2 _ u
LA 6.2x103(9—9%9—) 1.14 %) (3.7)
a

The distance of fall was found to have no effect on coalescence

time.

These authors gave a further correlation for drop/interface

coalescence with multiple drops present at the interface, as:

2 _ u
= 31x103 (deg¢""1.24 74, (3.8)
o ¢ o He

|~
Q

The opposite directional effects of various quantities in
equations (3.5) to (3.8) are noteworthy.

None of these correlations seems to be very reliable since
all of them are based on a limited number of experimental

observations.

The order of magnitude difference between single and multiple
drop coalescence times was qualitatively observed with two-

dimensional arrays of drops of Robinson and Hartland (1971).

3.1.4 Drop Shape and Film Drainage

Princen (1963) and Princen and Mason (1965) pointed out that
the shape of a drop approaching its homophase is a spherical
cap, the depth of submergence into the interface depending on
the density difference between the phases and the interfacial
tension. This was later confirmed by Hartland (1967b,c,d,e,
1968), who studied viscous systems and found that the con-
tinuous phase film can be initially modelled as uniform, it
drains unevenly to thin at a barrier ring along the drop
contact edges and forms a dimple in the centre of the droplet.
This ring and dimple behaviour has been studied previously 5
using light scattering techniques (Allan et al., 1961, Mackay
and Mason, 1963).
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Hartland (1969a) has also shown by means of a force balance
that the drop remains close to its equilibrium shape at all

stages on its approach to a deformable interface.

Rupture has also been observed to occur at random, but mainly
along the barrier ring. This was first noticed by Gillespie

and Rideal (1956) and has since been explained by the slightly
uneven approach of droplets to the interface (Charles and

Mason, 1960b , Allan et al., 1961, Mackay and Mason, 1963,
Jeffreys and Hawksley, 1965b, Hartland, 1967b,c,d). Another
explanation is the presence of unknown surface active impuri-
ties (Hodgson and Lee, 1969,Hodgson and Woods, 1969).

These are suggested as the cause of uneven interfacial tension
gradients and interfacial mobility, which results in a stagnated
film region in the centre, that is, the dimple, and rapid uneven
drainage around the barrier ring, resulting in the random nature

of the film rupture.

3.1.5 Mathematical Models for Film Drainage

When a drop approaches an interface, or another drop, a fluid
film is formed which thins as the two interfaces are forced
together. When the film becomes sufficiently thin an instability
develops, the film ruptures and coalescence occurs. The critical
film thickness at which rupture occurs is governed by the stabi-
lity of the film (Lang and Wilke, 1971a,b). The mathematical
models mentioned below are however only concerned with the rate
at which a film drains.

The earlier models assume the draining film to be of uniform
thickness and employ the well-known Reynolds equation (Reynolds,
1886) for the rate of drainage between two rigid parallel discs
being pushed together with a force Fd’ The Reynolds equation is
given by :

3
ds 8Fd §

-3 = (3.9)
dt 3nnl2uc XS

where § is the thickness of the film, X4 the radius of circle
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of contact and ny the number of immobile interfaces.

The model proposed by Charles and Mason (1960b) on the
assumption that the drop remains spherical while the interface
deforms, yields a value of Xy which, for the case of a drop
resting at an interface under its own weight is given by :

X

= (9,2 (2 Apg,y2
q (2) ( 3 6 ) (3.10)
The same value for X3 is predicted by the model of Gillespie
and Rideal (1956) which assumes that the interface remains
flat and the drop deforms.

Both models predict the same rate of film thinning which,
from equations (3.9) and (3.10) for the gravitational approach
of the drops, is :

2 3
_as _ 8 0~ &
dt n?i_8pg(4/2)° (3.1

The condition under which the assumption that the drop remains
spherical will be valid is that the excess pressure within the
drop, 40/¢, should be large compared with the hydrostatic
pressure, ¢Apg, and this is satisfied when the drop radius ¢/2
is much less than the Laplace radius (cJ/Ap/g)]/2 (Mackay and
Mason, 1963, Hartland and Hartley, 1976).

A third model for small drops (Elton and Picknett, 1957,
Chappelear, 1961) assumes that both drop and interface are
deformed, the continuous phase film having a radius of curva-
ture ¢. The value of X4 for this case is given by (Chappelear,
1961, Mackay and Mason, 1963, Hartland and Hartley, 1976) :

_ 9,2 ,4Apg, Y2
X3 = (2) ( 30 ) (3.12)
which, upon substitution in equation (3.9) yields the rate of
thinning as :
2 2 63

- [¢]

R
dt "~ nZ u_dpg(4/2)0 (3.13)
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Chappelear (1961) also pointed out that the assumption of a
draining film of uniform thickness disagrees with the fact
that the pressure in the thinning film must decrease in the
direction of flow, with accompanying variations in film
thickness. It has been shown (Hartland, 1967a,c,e) that the
uniform film models can be applied for the initial part of the

drainage period before dimpling or film distortion occurs.

However, a thin film is normally not bounded by parallel planes.
As a drop approaches an interface it develops a dimple; the
film is thicker at its centre than at its edges (Derjaguin and
Kussakov, 1939, Allan et al, 1961, Mackay and Mason, 1963,
Hartland, 1967c, Hodgson and Woods, 1969, Burrill and Woods,
1973a,b). The first attempt at deriving equations governing
the approach of a small drop to a flat interface in which the
dimpling of the drop is considered was made by Frankel and
Mysels (1962). Their expressions for the rate of thinning at
the barrier ring and at the apex of the dimple are :

CLI 8.3 o283
T Tat = n?p Apg($/2)5 (3.14a)
1 C
as_ 87.9 o 6>
T Ta8t T 07w, (Ap) 393 (§/2) 1T (3.14b)

The rate of drainage predicted by equation (3.14a) is nearly
equal to that given by the parallel disc approach (equation
(3.11)).

" Hartland and Robinson (1977) developed a more detailed model

for a dimpled draining film. They considered drops of any size
and assumed the film to consist of two parabolae, joined at

the point of inflection, with the radius of curvature at the

apex varying with time in the central parabola and constant

in the peripheral parabola. Their model, which requires a priori
knowledge of radial position outside the barrier ring at which
the film pressure equals the hydrostatic pressure, reduces
algebraically to equations (3.14a,b) of Frankel and Mysels (1962)
for the gravitational approach of small drops, but with different

numerical constants. These authors also suggested a criterion
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for the non-uniformity of thickness in a film, based on the
ey

thickness at the centre and the barrier ring and the radius

of the barrier ring.

Some authors (Hodgson and Lee, 1969, Hodgson and Woods, 1969,
Burrill and Woods, 1973a,b) have analyzed the film thinning
considering the presence of surfactants, and interfacial
movement and tension gradients. They suggested that surfactants
cause interface immobility which decreases drainage rates.

In a pressure distribution study, Burrill and Woods (1969,
1973a) used light interference measurements to find a

pressure distribution in the film and then calculated the film

shapes.

3.1.6 Partial Coalescence

In studies of this phenomenon (Charles and Mason, 1960a,
Jeffreys and Hawksley, 1962, Jeffreys and Lawson, 1965,
Jeffreys and Hawksley, 1965a , Hanson and Brown, 1967, Lawson,
1967, Brown, 1968, Brown and Hanson, 1968, Davies et al.,1l971)
two coalescence mechanisms have been observed. In the first
mechanism (Charles and Mason, 1960a) using very high speed

cine photography, were able to show that during the drainage
process the drop forms into a vertical column of liguid, the
height of which remains virtually constant while the radius
decreases. When the circumference of the liquid cylinder
becomes equal to its height it behaves like an unstable jet in
which a Rayleigh type disturbance can grown. Such a disturbance
is concentrated at the base of the liquid column and, when its
amplitude becomes equal to the radius of the column a break
occurs, the remaining undrained liquid forming a new droplet -
the secondary droplet. The events occurring during the partial
coalescence are illustrated in the sequence A to F in Figure
3.1a. This process may be repeated several times although
there is a minimum droplet size below which the coalescence

becomes single-staged.

A second, more violent mechanism (Jeffreys and Lawson, 1965,

Hanson and Brown, 1967) expels a secondary droplet during
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coalescence and results in a primary drop being mixed with
the bulk homophase. Figure.3.2b shows the sequence A to F
of the events.

The parameter determining which mechanism applies seems to be
the position of the primary drop in the interface (Hanson and
Brown, 1967) which, in turn, is governed by the interfacial
tension, density difference and size of the drop. A submergence
depth greater than 0.26¢ results in a more violent second
mechanism whilst a submergence depth of less than 0.26¢ results

in coalescence by simple drainage, that is, the first mechanism.

Charles and Mason (1960a) proposed the viscosity ratio

p'(= ud/uc)as the criterion for the occurrence of stagewise
coalescence with multi-stage coalescence occurring if p' lies
between 0.02 and 11. These limits are not strict as single-stage
coalescence was found (Davies et al., 1971) for p' greatér than
0.02. The diameter ratio, secondary to primary, has been found
to vary with the viscosity ratio p' and passes through a maxi-
mum near p' = 1 (Charles and Mason, 1960a) and shows a weak
dependence on primary drop size (Mackay and Mason, 1963, Hanson
and Brown, 1967) and on phase viscosities (Hanson and Brown,
1967) .

The number of coalescence stages increaseswith initial drop size
(Brown and Hanson, 1966), viscosity ratio p' (Davies et al.,
1971) and decreases in the presence of surfactants (Charles and
Mason, 1960a) and electric fields (Charles and Mason, 1960a,
Brown and Hanson, 1968). Double secondary droplet formation has
also been observed (Charles and Mason, 1960a, Edge and Greaves,
1967, Davies et al., 1971). Stepwise coalescence has also been

observed within droplet dispersions (Davies et al., 1970b).

3.2 Coalescence and Separation of Droplet Dispersions

Separation of ligquid/liquid dispersions is an important unit
operation in liquid/liquid extraction and effluent treatment
processes. Coalescence and phase separation can be carried out
in a range of equipment, for example, simple gravity settlers,

packed columns, fibre beds and centrifuges. The following
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sections however refer mainly to systems utilizing gravity

coalescence.

3.2.1 Gravity Settlers

A gravity liquid/liquid settler is a device used to separate

a liquid/liquid dispersion into two immiscible liquid phases,
one generally a light organic phase and the other a denser,
aqueous phase. Gravitational separation occurs by the virtue
of liquid density difference which drives the dispersed phase
droplets toward the bulk homophase and causes drainage of the
continuous phase from the dispersion. The droplets undergo
drop/drop coalescence within the dispersion and drop/interface

coalescence at the dispersion/bulk dispersed phase interface.
Gravity settlers operate in various ways (Barnea and Mizrahi,
1975a, Glasser et al., 1976) :

1) continuous horizontal settlers with wedge-shaped dispersion
bands (which may not cover the entire interface);

2) continuous vertical settlers with dispersion bands up to
1500 mm thick covering the interface;

3) dilute feed dispersions (less than 15% by volume of the

dispersed phase), which do not form dispersion bands;

4) dispersion feeds containing solid feeds or more than

two liquid phases;
5) overloaded settlers giving incomplete separation; and
6) continuous settlers with mechanical separation aids.

Generally the aim of gravity settlers is to achieve as complete

a phase separation as possible at the minimum of cost.
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3.2.2 Factors Affecting the Performance of a Continuous
Mixer-Settler

i) Mixer Configuration

The configuration of a mixer includes the shape of the mixing
tank, the design and location of baffles and the design and
location of the impeller in the mixing tank. All these combined
together constitute the mixing environment and profoundly affect
the velocities and flow patterns in the mixer and hence the

drop size distribution produced.

The choice between cylindrical and cubic mixing tanks depends
more on construction and economic considerations than on the
effectiveness of mixing, which could be good in both cases.
With a cylindrical design baffles are essential if vortexing
is to be avoided and good mixing obtained, but in the cubic
design the baffling effect is automatically achieved.

There is a wide scope for variation in impeller design, from
the axial flow propeller to radial flow flat-bladed turbine,
with or without shrouds. The choice on propeller would depend
on achieving a balance between power consumption, extraction
efficiency and entrainment (Lott et al., 1972).

Finally, the vertical position of the impeller in the mixing
tank should be determined. As discussed earlier in Section
2.2.1, Skelland and Seksaria (1978) indicate that the minimum
speed for complete mixing is strongly dependent on the position
of the impeller in the mixing tank. However, under conditions of
complete mixing the values of the interfacial area per uﬁit
volume of dispersion are independent of the position of the
impeller when the ratio of the height of the impeller from the
bottom of the mixing tank to the tank diameter is greater than
0.1 and less than 0.7 (Fernandes and Sharma, 1967). Since the
variations in the ratio of the impeller to the mixing tank
height with the range of 0.1 to 0.75 do not affect the power
consumption significantly (Miller and Mann, 1944), the vertical
position of the impeller in the mixing tank may be dictated

by the impeller design which determines the flow patterns and
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internal recirculation in the mixing tank and hence the
extraction efficiency (Lott et al., 1972).

ii) Mixing Regime

Liquid/liquid systems may be classified as "sensitive" or
"insensitive", according to the influence of mixing energy
input, i.e., the mixing intensity and/or residence time in
the mixing tank (Barnea and Mizrahi, 1975d). With sensitive
systems the dispersion band height increases over a wide
range when the mixing time, diameter and speed of the
impeller are increased. Insensitive systems are characterized
by the fact that an asymptotic maximum in the dispersion band
height is obtained in the normal range of operation, i.e.,

a mixing time of 10 to 200 seconds and an impeller speed 2

to 3 times the minimum speed for uniform dispersion (Lott et
al., 1972, Barnea and Mizrahi, 1975d) . Even insensitive sys-
tems will show smaller dispersion band heights when mixed for

only a few seconds or without uniform mixing.

Extraction efficiency increases with increased mixing intensity
until it approaches a maximum value; the extent of dispersed
phase entrainment increases when the impeller speed is increased
(Lott et al., 1972, Warwick and Scuffham, 1972).

All these observations are, of course, related to a given
impeller design. There is not necessarily any relationship
between the effects of one design of impeller with a given mixing
speed and effects of another design with the same speed. It

would therefore be misleading to define a settler's characteris-

tics without a very precise definition of the mixing intensity.

iii) Phase Continuity

Dispersion band heights in settlers are substantially greater
when the mixer is operating with the organic continuous disper-
sion than they are when the aqueous phase is continuous (Ryon
et al., 1959, 1960, Warwick et al., 1971, Lott et al., 1972,
Rowden et al., 1974). Though these observations are restricted
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to particular liquid/liquid systems it is advantageous to run

a mixer/settler organic continuous because the organic entrain-
ment in the agqueous phase, and hence the cost of solvent losses,
is low. 1In general, the very low entrainment of the continuous
phase implies that entrainment is mostly caused by the production
of very fine droplets of the dispersed phase due to high shear

in the mixing tank. The fact that there is still a small amount
of entrainment of the continuous phase in the coalesced dispersed
phase leaving the settler is due to the production of true secon-

dary hazes during coalescence in the settler.

The stability of each type of dispersion is a factor which should
be considered in the design of a mixer-settler. Ryon et al.(1959)
indicate that either an oil-in-water or water-in-oil type dis-
persion can be made and maintained by starting the impeller with
only one phase present and then starting the flow of the phase

to be dispersed. Also either type can be maintained, even when
the ratio of the dispersed to continuous phase is 3:1. However,
the conclusions of these authors may not hold good in every
situation. With a 1l:1 organic to aqueous ratio the phase which
becomes continuous is generally the one in which the impeller

is positioned when it is started. As organic to aqueous ratio

is made progressively greater or less than unity, the tendency

is then natural for the phase which is present in larger quantity
to become the continuous phase. There are other factors to be
taken into account, for example, the mixing speed, construction
materials of the tank and the physical properties of the liquid/

liguid system (see Section 2.2.2).

iv) Feed Dispersion Concentration (Phase Ratio)

The feed dispersion concentration is very important to industrial
operation since it can be adjusted by internal recycling between
the mixer and the settler. Dispersion band height, extraction
efficiency and entrainment, both of aqueous in the organic phase
and of the organic in the aqueous phase have been found to be

affected by feed dispersion concentration.

The data published by Ryon et al.(1960) leads to the inferred

k4
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extrapolation that the dispersion height depends only on the
dispersed phase throughput per unit area, Qd/R, while the
continuous phase throughput per unit area, Qc/R’ has a negli-
gible effect. These authors proposed that a unique plot of
dispersion band height,H, versus Qd/R could be obtained with
various values of feed dispersion concentration, €f ¢

Q3 M3 4

o= G,

C3‘4Ef ) (3.15)

The data of these authors gave my 4 = 2.5 and it follows that
the capacity of a continuous settler in terms of total through-

put for a given H is inversely proportional to Ege

The relationship given by equation (3.15) has been confirmed

by Golob and Modic (1977). Their data on water/Shell Sol system
3.4 = 3.1. Gondo et al. (1968, 1969) correlated the
height of the dispersion band (15 to 400 mm) with the feed
throughput, the dispersion concentration (0.3 to 0.6) and the

gave m

speed N of the mixer impeller (7.2 to 10.3 rps) giving

0.+0
H o N2-8 (4.9 Zc¥a

3.1
£ R

(3.16)
which is in general agreement with the results of Ryon et al.
(1960) , but indicates that H would decrease if the continuous
phase throughput is increased, all other variables being kept
constant. However, the exponent of £e is 4.9 instead of 2.5,
thus changing the relationship between the capacity of a

continuous settler and Ege

Rowden et al. (1974) studied in detail the effects of changes
in the feed dispersion concentration under both organic and
aqueous continuous mixer conditions. Their experimental results
on an LIX/copper system in vertical settlers showed a marked
dependence of settler performance on feed dispersion concen-
tration. Their important conclusions for the single stage
experiments with constant total throughput are :

1) There exists a "preferred" packing ratio in a dispersion

band which results when the operating dispersed/continuous
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phase ratio is 2:1. At this "preferred" packing ratio the dis-
- persion band height passes through a maximum;

2) Extraction efficiency with recycle is markedly improved
when recycle results in an increase in proportion of the dis-

persed phase present in the mixer;

3) Under organic continuous mixer conditions, organic entrain-
ment in the aqueous phase is governed by the settler operation
and the values of the organic entrainment are almost independent
of the operating organic/aqueous ratio. Aqueous entrainment

in the organic is maximum at highest operating organic/aqueous
ratio and decreases exponentially with the decrease in organic/

aqueous ratio.

4) Under aqueous continuous mixer conditions, organic entrain-
ment in the aqueous phase is governed by the mixer operation.
Organic entrainment is maximum at the lowest organic/aqueous
ratio and decreases exponentially with increasing organic/aqueous
ratio.

These authors presented arguments to support the above mentioned
conclusions. There were however not able to explain the trend
of aqueous entrainment in the organic phase under agueous con-

tinuous mixer conditions.

Barnea and Mizrahi (1975d) pointed out that the result of an
increase in €¢ may not be constant and a minimum settler capacity
may be expected in certain systems for a definite Eg- Their
results of an IMI phosphoric acid process show that settler
capacity based on total throughput decreases with an increase
in €¢ until a minimum is reached (for €g = 0.5); the capacity
then increases again as € is increased. These authors also
showed that variations in feed dispersion concentration would
alter the exponent my oy of equation (3.15) in an inconsistent
fashion, unless the settling conditions are within creeping
flow region (m3_4 ~ 2.5). For settling conditions in the
creeping flow range variations in ¢ do not affect the value

of m as is indicated by the data of Ryon et al. (1960). ¢

3.4



v) Temperature

An increase in temperature results in increasing the settler's
capacity (Ryon et al., 1960, Ryon and Lowrie, 1963, Mizrahi

et al., 1974, Barnea and Mizrahi, 1975d4). As a rough rule of
thumb, settler capacity can be doubled when operated at 40°¢
instead of 20°C (Mizrahi et al., 1974, Barnea and Mizrahi,
1975d) . For a given total throughput and feed dispersion con-
centration, the smaller value of dispersion band height at a
higher temperature is attributed to the combined effect of the
following factors (Barnea and Mizrahi, 1975d) :

1) The coalescence times (drop/drop and drop/interface) de-
crease with decreasing continuous phase viscosity as the
temperature increases, so that the rate of coalescence increases;

2) The minimum drop size which can settle countercurrently to
the continuous phase also decreases (for a given throughput)
with the decrease in continuous phase viscosity.

3) If the dispersion is produced in a mechanical mixer (normal
case) the average drop size of the feed dispersion also in-
creases since it is the resultant of the dynamic equilibrium

of the two mechanisms: droplet break-up and coalescence in

the mixing tank, the latter process being much more temperature-
dependent than the mechanical shearing process and consequently
the dynamic equilibrium is shifted towards coarser size dis-

tributions.

An increase in operating temperature also reduces the entrain-
ment in both phases (Ryon et al., 1960, Manchanda and Woods,
1968) .

vi) Settler Configuration

First, the size and positioning of the dispersion inlet is
important. Horizontal settlers normally employ full width inlet
weirs to eliminate turbulence and re-entrainment of the settled
phases in the region of the settler inlet (Warwick et al., 1971,
Lott et al., 1972). Davies et al.(1970a) found that by replacing
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the plain inlet pipe by a divergent rectangular duct, the
capacity of the settler increased by up to 50%. The importance
of the location of the settler inlet with respect to the dis-
persion band has been discussed by many authors (Ryon et al.,
1960, Manchanda and Woods, 1968, Davies and Jeffreys, 1970,
Davies et al., 1970a, Lott et al., 1972, Barnea and Mizrahi,
1975b) . It has been shown (Davies and Jeffreys, 1970, Davies
et al., 1970a) that by varying the level at which the disper-
sion enters the settler, the dispersion band height can be
varied for a given throughput, the minimum dispersion band
height being achieved when the inlet is into the dis-
persion band and close to the coalescing interface. Barnea

and Mizrahi (1975b) have been quite specific in detailing the
location of the settler inlet in stating that it should be at
the boundary between dense and even concentration layers since
feeding near the passive interface results in a thicker dis~
persion band due to the disturbance of the concentration pro-
file. Horizontal settlers generally also include an impinge-
ment baffle immediately after entry to the settler to reduce
jetting of the incoming dispersion into the coalescence »
region (Brown and Hanson, 1966, Lott et al., 1972, wWarwick and
Scuffham, 1972, Roberts et al., 1979).

The flow pattern in the settler is the next important consider-
ation and has a significant effect on both settler area required
and entrainment produced. Picket fence baffles are sometimes
used in a horizontal gravity settler, being situated at intervals
along its length. A picket fence baffle consists of two or

three rows of vertical slats placed one behind the other across
the width of the settler, being placed so that they are located
opposite open places in adjacent rows. A picket fence baffle’

is not only useful in distributing the flow laterally across

the settler but also damps out wave motions which would other-
wise result in organic or aqueous carryover at the weirs

(Warwick et al., 1971, Roberts et al., 1979). A picket fence can
also act as an aid to coalescence if it is made of a material ¢
which is wettable by the dispersed phase (Warwick et al.,1971,
Lott et al.,1972, Warwick and Scuffham,1972). Detailed settler
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flow pattern studies (Hanson and Sharif, 1970, Barnea and
Mizrahi, 1975b) have shown that most of the dispersed phase
has a low residence time in the dispersion band with a long
"tail" of smaller droplets in the bulk of the dispersion band.
Prevention of this "tail" would result in a marked increase

in settler capacity. Finally, full-width organic and aqueous
outlets are also used in horizontal settlers to reduce
channelling near the end of the settler (Warwick et al.,1971,
Lott et al., 1972).

3.2.3 Settler Design and Modelling

Most settler research work has been directed towards empirical
design, while comparatively little has been done on the actual

modelling of settlers.

Settler studies have been divided into single settler and
multi-stage mixer-settler units, the design of which has been
based on complex hydraulic balances without detailed design
of settlers (Williams et al., 1958, Treybal, 1966). Settler
sizes have usually been specified by rule of thumb, so

that these units are often larger and hence more expensive
than is necessary.

Three different design criteria have been commonly used to
scale up pilot tests to industrial use: the residence time
method, the overflow velocity method and the dispersion height
method. 1In the residence time method the equipment size is
calculated to allow the dispersion a plug-flow residence time
of from 5 to 300 minutes, so that the dispersed droplets can
travel to the interface and coalesce (Perry, 1963, Oliver,1966,
Manchanda and Woods,1968). These plug-flow residence times

are based on past experience rather than on theory. Further-
more, this method takes neither the geometry of the settler
nor the flow patterns within the settler into account.

The overflow velocity method (Hart, 1947a,b, Clarke and Davidson,
1962) is based on the assumption that the rate of separation

is controlled by the settling rate of dispersed drops. Design
is based on a time sufficient to allow for the drops to travel

to the interface before leaving the settler. This method is



72

particularly suitable for very dilute dispersions which are
generally settling rate-controlling processes. The dispersion
height method (Ryon et al., 1959, 1960, Ryon and Lowrie,1963)
is based on the assumption that the rate of primary separation
is controlled by the rate of coalescence of the dispersed
phase droplets, rather than by the rate of settling, as was
assumed in the overflow velocity method. 1In this case a
uniform thickness is assumed to exist over the cross section
of the settler and a maximum allowable thickness is arbitrarily
chosen. The dispersion height, as a function of total through-
put, is determined for the particular liquid/liquid system by
pilot plant experiments and the throughput selected to produce

a dispersion height which is less than the maximum allowable.

The bulk of the studies which have been conducted on continuous
settlers have utilized vertical settlers. No doubt this is due
to their simplicity and the fact that their configuration is
usually similar to that used in batch settling experiments.
Ryon et al. (1959,1960) and Ryon and Lowrie (1963) were the
first to conduct extensive studies of vertical settlers.

The dispersions were formed in a variable power input mixer

and passed continuously to one of a variety of settlers

ranging in diameter from 152 to 1219 mm. After the phase
separation the two streams were analyzed for entrainment and
then recycled back to the mixer. These authors found that
coalescence took place primarily at the interface between the
dispersion and the bulk dispersed phase and, to a smaller ex-—

' tent, within the dispersion band. In addition, the height of
the dispersion band was found to increase exponentially with
dispersed phase throughput per unit settler area (equation
(3.15)) and showed only a small effect of the phase ratio

for both aqueous and solvent continuous dispersions. There-
fore, these authors suggested that scale-up could be based

on constant total throughput per unit settler area and constant

dispersion height.

Barnea and Mizrahi (1975a,b,c,d) presented a detailed study of
vertical gravity settlers. Based on the shape of hold-up pro-

files they reported two distinct main zones in a dispersion
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band, namely, a dense zone near the coalescence front and an
even concentration zone, i.e. a zone of roughly constant hold-up.
The dense zone occupies only 10-20% of the dispersion band and
the dispersed phase hold-up is much higher than that of the feed,
increasing sharply toward the coalescence front. The even con-
centration zone occupies 70 to 90% of the dispersion band and
is characterized by a moderate and linear change in hold-up;
near the settling front the hold-up falls sharply to some low
value. The thickness of the even concentration zone is con-
trolled by the hindered settling of droplets, as well as by
drop/drop coalescence (in random conditions) of the smallest
size fraction of the feed droplets. The role of this zone

is to provide the residence time necessary for the smallest
drops in the feed to grow by interdrop coalescence and settle
counter-currently to the continuous phase. These authors
presented statistical modelling of interdrop coalescence and
combined this with a semi-theoretical expression for hindered
settling of droplets to develop the following expression for
the steady state dispersion band height :

m
H = Q) 35 (3.16a)

C3.5( R

where 0 is the total throughput and the constant C3.5 is a
function of feed dispersion concentration (phase ratio).
These authors also pointed out that a plot of log(H) versus
log (Q/R) may be an upwards concave curve for a wide range of
Q/R, the degree of curvature depending both on the absolute
span and on the different combinations of variables. However,
in the particular case when the droplet settling is within
the creeping flow range, such plots are straight lines with

a slope of about 2.5.

Continuous settling results of many other others (El-Roy and
Gonen, 1964, Lowes and Larkin, 1967, Naylor and Larkin, 1971,
Warwick et al., 1971, Lott et al., 1972, Mizrahi and Barnea,
1973, Drown and Thomson,1977) also seem to be well correlated

using equation (3.16).
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Stdnner and Wohler (1975) reported another equation repre-
senting settling of the form :

= = —_— (3.17a)

which may be re~written as :

_,H -
G/R = ©3.6 T C3f (3.17b)
or
c Q,/R
3.6d
o = 0 /R (3.17¢)
1= G5 79/R
where C3 6 and C3 4 are empirical constants. Equation

(3.17¢c) shows that Qd/R has an upper limiting value. However,
Stdnner and Wohler do not confirm the validity of this

limiting value equation with experimental results.

Wilke and his co-workers (Graham, 1962, Epstein and Wilke,
1963, Sweeney and Wilke, 1964) conducted extensive studies

of horizontal settlers. Using a water/AROCLOR system the
dispersions were prepared by turbulent flow of the phases in

a pipe section under conditions which generally led to multiple
dispersions. These authors concluded that the important design
variables were the total throughput and the extent of mixing
of the dispersion entering the settler. In one of these
studies, Epstein and Wilke (1963) measured the velocity of

the dispersion by visually timing drops in the dispersion as
they moved over fixed distances and found that,near the
entrance of the settler, the dispersion moved at a velocity
greater than the average velocity of either the water or the
AROCLOR phase. Close to the end of the dispersion zone (near
exit ports) the velocity of the droplets decreased rapidly

and finally approached zero as the dispersion disappeared.
Sweeney and Wilke (1964) employed a baffle at the entrance to
the settler and concluded that once the entrance velocity

has reached a high enough value it caused a more difficult

separation. They also measured the dispersion band thickness
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within the settler and reported that at low throughputs the
thickness decreased with the distance down the settler, but

at high throughputs the thickness increased with the distance.

Jeffreys et al.(1967) were the first to present a quantitative
model for liquid/liquid separation in a horizontal gravity
settler for the case of a wedge-shaped dispersion band.

This used the concept of coalescence stages, in which the
droplets attain face-centred cubic configuration within the
wedge and then "lose" one row of droplets to the coalescence
front, simultaneously halving the total number of drops in a
stage by interdrop coalescence. Predictions of wedge lengths
agreed reasonably well with those observed in a laboratory-
scale settler. However, there are limitations inherent in
the model. The analogue that a row or column of drops will
coalesce at some characteristic time is not physically
justifiable; in practice continuous coalescence takes place
throughout the bed. Furthermore, drop/drop and drop/inter-
face coalescence times were assumed to be equal, which is not

generally true.

An alternative approach to the modelling of a wedge-shaped
dispersion was proposed by Jeffreys et al.(1970a,b). This
differential model illustrated the relative effects of drop/
drop and drop/interface coalescence and predicted wedge length,
mean drop size and wedge depth for the kerosene/water system

with either phase dispersed.

A modification of the above was proposed by Vijayan and Ponter
(1974,1976) to further investigate the relative contributions
of drop/drop and drop/interface coalescence processes to the
size of the wedge. A deterministic model coupled with the
differential model of Jeffreys et al.(1970a,b) was presented
but experimental difficulties in measuring the ratio of
drop/drop to drop/interface coalescence time prevented an

accurate evaluation of this model.

Drown and Thomson (1977) observed three distinct regions for
the dispersion wedge mode of operation, namely, an entrance

region, a dispersion region and an exit region. The entrance
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region consisted of an expanding two-phase jet which not only
entrained the surrounding fluid but also resulted in backmixing
circulation patterns. No coalescence occurred in this region
since the drops were still fluidized. The entrance length, L ;
defined as the distance from the inlet port, where c1rculatory
flow caused by the entrance jet ceased to exist was correlated
by :

l 5 0.5
Le = 1. 7(W) (pm Ve) (3.18)

The dispersion zone was defined as the region extending from
the terminus of the entrance region to the point where the
dispersion zone came under the influence of the exit ports.
The length of the dispersion region could be calculated
by using momentum and material balances for the two bulk
fluids. The fluid mechanic patterns in the exit region were
characterized by a "flood-point" parameter, defined as the
ratio of the exit velocity to the vertical distance between
the top (or bottom) of the dispersion zone and exit port.

Gel'perin et al.(1972) characterized the phase separation
efficiency by entrainment levels, determined from the samples
taken at the exit ports of horizontal settlers. The entrain-
ment values, both of the aqueous in organic phase and organic
in the aqueous phase, were correlated by using batch separation
profiles and primary break time determined in a measuring
cylinder, and the overall residence time (settler volume
divided by the total volumetric flow rate) in the continuous
settler. In practice, because of relatively low throughputs
the dispersion wedge mode of operation has been discarded in

favour of thick dispersion bands or mechanically aided settling.

A number of workers have tried to reduce the scale of pilot
work and the cost involved by attempting to relate observations
of batch to continuous settler performance. Transposition of
batch profiles into continuous characteristics .is however
difficult, since the hold-up and drop size profiles are not

the same in both cases. If batch and continuous settling

are to be related the mechanisms controlling sedimentation

and coalescence in two types of dispersions must be clearly
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understood.

Mizrahi and Barnea (1970) obtained a correlation between the
nominal settler capacity (Q/R)N corresponding to an arbitrary
H, and the standardized batch separation time tB' For the

system isoamyl alcohol/HCl/water the following relationship

resulted :

Q _ -0.87

(R)N = C3.8tB (3.19)
where C3 8 is a constant.

Barnea and Mizrahi (1975d) used the above approach and related

lm—2) to a value of H of

the nominal settler capacity (m3h—
500 mm and the standardized batch separation time tB (seconds)
to an initial height of 300 mm. With the units used, the

slopes were (-0.905) and (~0.87), the C3.8

and 888 respectively for aqueous continuous and organic

values being 1064

continuous dispersions. It should be noted that these empirical

figures depend on the phase systems and arbitrary definitions.

Golob and Modic (1977) suggested that a batch test should be
performed under the same conditions (mixing intensity, tem-
perature, phase ratio etc.) and at the same dispersion height
as chosen for the continuous band height. They defined a

batch separation time as :

t = h [e)
BS c (3.20)

where hCO is the initial height of the coalescing interface
relative to the final undisturbed interface and T, is an
average coalescence rate of the dispersed phase obtained by
measuring the position of the coalescence front as a function
of time and determined in an interval where it is found to be
approaximately constant. The batch separation time thus ob-
tained can be used to calculate the nominal settler capacity
by the following equation

Q -
Ry = Heggl (3.21)
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Godfrey et al.(1979) carried out separation tests on water/
LIX 64N-Escaid 100 and kerosene/water systems in both batch
and continuous operated mixers. They showed that the tests
conducted in a batch mixer can lead to serious underdesign
of the settler, whereas data from a flow mixer can be used
with confidence. The two conditions of operation affect the
rate of separation markedly; the presence of haze in batch
tests is associated with a faster coalescence rate than that
observed in a flow mixer. Haze produced during start-up of
the mixer in a flow system is gradually washed out and the

coalescence rate in the mixer on shut-down slows down.

Vieler et al. (1979) presented an internal age-distribution
model to relate a batch settler with a completely mixed
continuous steady-state settler. The model assumes that the
internal phase-disengagement is a function of age as well as
the system properties (phase ratio, dispersion height, etc.)
and highlights the fact that for accurate correlation between
two types of experiments, exactly the same feed must be used
for both. These authors attempted to clarify the difficulties
in going from batch to continuous experiments, and pointed
out that a wide series of experiments were needed to be per-

formed for the further evaluation of the model.

Another attempt to correlate batch and continuous settling was
made by StO6nner (1981). Continuous and batch-settling equations
of this model have been explained by St8nner and Wiesner (1980),
Stonner (1981) and Hartland (1982). A reaction kinetic model

based on the following assumptions is used :
1) steady state dispersion in the continuous settler is
perfectly mixed;

2) feed entering the continuous settler consists of two types
of drops - inactive (small) and active (large) ;
3) inactive drops react (coalesce) with each other within

the dispersion band and produce active drops;

4) all the active drops react (coalesce) only with the active

interface.
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If 60 denotes the fraction of inactive drops in the feed, kb
the reaction rate constant for inactive drops to produce
active drops, and ki the reaction rate constant for the active
drops to coalesce with the active interface, the steady-state
dispersion height H is given by :

€}
H _ H [e]
=5t _— (3.22)

Q4/R i eky

where ¢ is the average hold-up of the perfectly mixed dispersion.
80, kb and ki could be determined by using batch decay data and
steady-state dispersion height of a continuous settler predicted

(StSnner,1981). The equation governing decay of a batch dis-

persion
dthe) _ o . o %6 % o~ Kbt ) (3.23)
dt i ‘he

is numerically integrated by using appropriate estimates of
the parameters 60, kb and ki. For every data point of the

batch experiment the deviation (h is calculated

2
exp hpred)
and summed up; the parameters 60, kb and ki are varied until

the sum of squares of the residuals becomessuitably small.

Sténner (1981) calculated eo,kb and ki from the batch test of
Barnea and Mizrahi (1975d) but presented no comparison between
predicted and experimental values of the steady-state heights

reported by Barnea and Mizrahi.

3.2.4 Coalescence Aids

The main problem with existing settlers such as those used in
various hydrometallurgical applications is their large size.

This means a relatively high capital cost and a large solvent
inventory content which can represent a substantial unproductive
investment. Consequently, over the past few years a number of
attempts have been made to promote coalescence within the

settler by the use of baffles, or a wide variety of coalescence-
promoting surfaces. Examples are : baffles (Davies et al.,
1970a); packing (Ryon and lowrie, 1953, Davies and Jeffreys, 1969,Davies et al.
1972); mesh (Mumford and Thomas, 1972, Jackson et al., 1974);
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horizontal or inclined tray assemblies (Mizrahi and Barnea,
1973) and picket fences (described in Section 3.2.2), vertical
baffles and plane gauze internals in combinations (Roberts et
al., 1979). It has been established that the coalescer material
should be preferentially wetted by the dispersed phase

(Davies and Jeffreys,1969). The action of solid material

wetted by the dispersed phase is to transform the drops into

liguid films which flow over the surface.

However, the presence of solids and crud in most practical
situations tend to block the surface and promote flooding of
the system. Under these circumstances, the removal of the
coalescing surface for cleaning with its attendant nuisance
value and necessity for stopping production can lead to costs
which might outweigh the advantages gained through the
settler compactness. Another problem is increased entrain-
ment resulting from secondary droplet formation produced by
the rapid coalescence at preferentially wetted surfaces
(Jackson et al., 1974).

A limited number of attempts have been made on the separation
of dispersions by using electric fields. Brown and Hanson
(1965) studied the use of an a.c. field in the settling com-
partment of a single-stage mixer-settler. By altering the

phase ratio of the feed a water-in-oil or an oil-in-water
dispersion could be produced. It was found that the application
of the field markedly increased the rate of coalescence of a
water-in-oil dispersion but had no effect on the oil-in-water
type. Bailes and Larkai (1981) studied the effect of d.c.
fields on water-in-oil dispersions, using again a single-stage
mixer-settler unit. The dispersion leaving the mixer was passed
through an electric coalescer before being discharged into a
conventional gravity settler. In this way the dispersion height
in the gravity settler was dependent on the effectiveness of

the electric coalescer. Their study shows that pulsating d.c.
fields are more effective than constant d.c.fields in separating
liquid/liquid dispersions, the extent of phase separation depen-
ding on the applied voltage amplitude. In another publication

the same authors (Bailes and Larkai,1982)show that for a given
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thickness of electrode coating and a given liquid/liquid

system there exists a unique optimum frequency of the pulsed
d.c.field at which best separation is obtained. This optimum
frequency has been shown to depend on the interfacial relaxation

between the insulating coating and the continuous phase.

3.2.5 Coalescence in Spray Columns

Whilst the performance of a spray-type liquid/liquid extraction
column from the standpoint of mass and heat transfer has re-
ceived considerable attention (Garwin and Smith, 1953, Letan
and Kehat, 1967, 1968, Loutaty e£ al., 1969, Ferrarini, 1972,
Biihler, 1977), not much work has been done on predicting
coalescence rates, bed height etc. of a droplet dispersion

at the phase boundary. An understanding of these should be
important, not only in the operation of spray columns but also
in all extraction equipment. A spray column provides the
advantage that by carefully designing the drop distributor

an even drop size can be obtained at the bed inlet which
considerably simplifies any analysis, and by observing the
drop size distribution at the phase boundary gives an in-
dication of the extent of interdrop coalescence within the

dispersion.

Smith and Davies (1970) carried out experiments on 8 liquid/
liquid systems using a spray column. The hole size, pitch and
thickness of the distributors were carefully chosen to mini-
mize the variation in drop size and prevent the formation of
small secondary drops. Wall effects were studied by coating
part of the inside surface of the column with dimethyl dichloro
silane. They reported that the dispersion band thickness was
always greater when the dispersed phase wetted the column.

It is however contrary to the conclusions of Ryon et al. (1959)
who suggested that maximum separation efficiency was obtained
in settlers when the dispersed phase wetted the surface of
the vessel. The correlation of Smith and Davies for the dis-
persion band thickness as a function of relevant variables

for the case when the dispersed phase wets the column walls

is :
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2

B _ 3400 Qa/R"¥o 0.846 P90 _0.878 Ma.0.770
Z - 4 <) (—2) -
o) UC

(3.24)

And for the case when the dispersed phase does not wet the

column walls :

H _ ees (Qd/R'“c 0.823 80982 o g6 4. 0.773
¢o = ) (——) (E;)
(3.25)

In a deterministic model the same authors (Smith and Davies,
1972) assume a plug flow through a column with drop/drop
coalescence depending on drop diameters and taking place bet-
ween drop pairs of particular sizes. From an elemental balance
and the use of drop/interface and drop/drop coalescence models
they derived the following equation for the dispersion band
height in terms of dispersed phase throughput, initial drop

size and physical properties :

Q./R-u Apge? - u
d c)l 10( _ ——0,-1. 38(Ud)1 .13 (3.26)
C

éi = 1510/
o

with a correlation coefficient of 0.86. At low dispersed

phase flow rates (small band heights), the deviation between
theory and experiment was quite high, since their assumption
of random distribution of drop sizes at any plane in the bed

from the inlet becomes invalid.

Doulah and Davies (1974) considered the dispersion band to
consist of a series of droplet queues. The arriving droplets
choose between adjacent queues equally at random and leave

via interdrop and drop/interface coalescence. The birth-

death equations relating the probability of finding M droplets
in a queue was used in a complex Monte Carlo simulation pro-
cedure to calculate queue length and hence bed depths. It was
found that the majority of the predicted queues were greater
than the experimental values, which was explained by the method,
employed to account for interdrop coalescence and droplet inter-

actions, and the simplified structure assumed for the droplet




L]

83

arrangement within the dispersion band. The predictions of
this statistical model were as good as those of the deterministic
model of Smith and Davies (1972).

Allak and Jeffreys (1974) used a refractive index matching
technique developed by Hartland (1969b) to follow the separation
process occurring inside thick dispersion bands in the coalescence
section of a spray column. By matching the refractive index of
each phase, the dispersion became transparent and one or more
coloured drops were released into the band which allowed the

drop behaviour inside the dispersion band to be followed.

A second method used in their investigation was to generate
colour in the drops, in situ, at particular positions in the

band by dissolving a small quantity of a phototropic dye in one
or the other of the phases and irradiating the particular section
of the dispersion band to generate the coloured drops. From

the experimental observations they reported that there were

three distinct zones in such a dispersion band, namely :

1) a flocculating zone;
2) a packing zone;
3) a coalescing zone.

The significant process determining the thickness of the dis-
persion band was found to occur in the packing zone. Here the
drops were pressed together and deformed into the shape of
pentagonal dodecahedra. Interdrop coalescence took place by
drainage of the continuous phase film separating the drops.
They substantiated this observation by a simple mathematical
model, developed by Hartland and Barber (1974) for a foam of
gas bubbles coalescing at an interface, based on the size and
shape of the drops in the band, the frequency of interdrop
coalescence expressed in terms of the physical properties of
the system, drop size and critical film thickness of the con-
tinuous phase film at rupture. Furthermore, the thickness of
the dispersion band was observed to depend on the inlet drop
size and dispersed phase throughput. The experimental results
were correlated by a dimensional analysis, the predominant group

being the capillary number (Qd/R-uc/o), suggesting that the
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drainage of the continuous phase film controls the thickness

of the dispersion band.

Hartland and Vohra (1978) assumed that the drops move in plug
flow through a dispersion and presented models which describe
the behaviour of growing, decaying and steady-state dispersions
in terms of the dispersed phase throughput per unit area,Qd/R,
initial drop size,¢o, the average hold-up of the dispersion
band £, and the coalescence times between the drops, Ty and

at the disengaging interface Ty They arrived at the following
relationship for the height,H, of a steady state dispersion

_ GQd/R-Tb o 3 Qd/R-Ti
972 b

H (3.27)

£

Using the steady state model, the values of 1IN and Ti were
experimentally measured for the water/butyl acetate and water/
isoamyl acetate systems, being then used to predict the rates
of growth and decay which agreed well with the observed

variations.

The model of Hartland et al.(1978) which predicts the variation
in hold-up and drop size in a steady state dispersion, is based

on the assumptions that the coalescence time, between the

T
bl
- drops is constant and that the drops are fluidized at each

cross-section in the dispersion. The variation in the dispersed
phase hold-up €, and the drop size with depth z in the dispersion

was correlated by :

log (1/Ezo - 1) C 1 (¢' 7C3.9%/R - z
eI/ =1 't =0 7R 6 0./R°T
z o"""3.9% a b

(3.28)

where C3 9 is a constant dependent on the density difference,

continuous phase viscosity and a particle shape factor.

These authors tested their model on three liquid/liquid systems

and obtained good agreement between experiment and theory.



85

4., PREDICTION OF DROP SIZE AND DISPERSED PHASE HOLD-UP IN
SPRAY AND PULSED SIEVE-PLATE LIQUID/LIQUID EXTRACTION
COLUMNS

Knowledge of hydrodynamic parameters, namely, the drop size,
hold-up of the dispersed phase and backmixing coefficients,
together with the actual mass transfer rates is necessary in
the design and scale-up of liquid/liquid extraction columns.
Reliable correlations and/or models on the hydrodynamic para-
meters could permit the design of columns for new liquid/
liquid systems without extensive pilot scale tests, provided
the system properties (density, viscosity, interfacial tension

etc.jare known.

4.1 Correlations for Drop Size in Spray Columns

In spray columns the drops are formed by a distributor which

may be a perforated plate or set of nozzles. Drop formation
mechanisms were discussed in Sections 2.1.1 - 2.1.3. At low
nozzle velocities the drops are formed at the tip of the

nozzle (single drop region); by increasing the nozzle velocity

a cylindrical neck of the dispersed phase appears (for v > vj)
and drops are formed by jet disintegration (jetting region).
Beyond the critical velocity the drop formation is less uniform;
finally the jet break-up point retreats to the tip of the nozzle

and a non-uniform spray of tihy droplets results.

4.1.1 Single Drop and Jetting Regions

Correlations for the drop size can be developed in terms of the
nominal nozzle velocity,v, and the physical properties of the
liquid systems. For low viscosity liquids the relationship
between the Sauter mean drop diameter ¢32 and the variables v,

d,Ap,0 and g could be written as :

¢
32 c Wedel giia2 (4.1)
4.1

a =

where We = Apdv2/c and EB = Apdzg/o. The values of We and EO
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were calculated for 484 data points taken from 8 different
data sources. These are listed in Table 4.1 along with the
physical properties and range of drop diameters. The analysis
was restricted to the velocities below the critical velocity,
Ve given by equation (2.6). The miminum jetting velocity,vj,
was predicted by using equation (2.4) suggested by Ruff et al.
(1976) and Ruff (1978).

Multiple regression analyses to find the constants C4 1 and

indices m and m, , gave the following correlations for the

4.1
single drop and jetting regions :

¢ 2 _ 2
32 - 1.591(Apdv ) 0.068 (Apd g) 0.278 (4.2a)
o 5]

for 0 < v < Vj’ and

¢3, ApdvZ, -0.021 ,Apd?g,-0.214
—a— = 1.546('—'—0—) N ( g ) * (4.2b)
for v, < v < v

3j c
The average percentage deviation,
J

y = },gg 5 |9, (exp) - Q (pred) | /Q (exp) (4.3)

i=1

is given in Tables 4.2a and 4.2b for each of the data sources
investigated. In this equation Qn(exp) is the experimentally
measured value and Qn(pred) the predicted value. The average
value of Y in the single drop region is 8.7 and in the jetting
region 10.8%. These tables also list the values of Y for the
other pertinent correlations available in the literature. Only
in the single drop region do the other correlations approach
the accuracy of equations (4.2a) and (4.2b). It is clear that
Vediayan's (1969) correlation only applies to his own data,
particularly in the single drop region. The terminal velocity
in de Chazal and Ryan's (1971) correlation was calculated

from Hu and Kintner's (1955) relationship. Almost identical
values were obtained by using Klee and Treybal's (1956)

relationship.
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Table 4.2b Comparisons of Different Correlations for the
Prediction of Drop Diameter in Jetting Region
in Terms of Average Percentage Deviation, y

Source No.of Horvath Vedaiyan Equation
data et al.
points (1978) (1969) {4.2b)
Horvath 44 12.8 151.0 9.5
(1976)
Vedaiyan 44 19.0 9.5 15.4
(1969) 11 20.4 3.2 14.3
26 21.7 17.2 12.5
16 22.0 4.4 7.9
Garwin and 12 7.2 29.5 4.9
Smith (1953)
Loutaty et al. 40 25.9 82.3 9.0
(1969)
Henton (1967) 4 18.0 16.2 6.3
Miller and 13 9.6 140.8 15.1
Pilhofer (1976)
Bihler (1977) 22 15.9 12.8 6.6
Kumar and 4 13.9 228.7 20.9
Hartland (1982) 5 15.4 54.5 4.9
Totals or 241 18.0 60.7 10.8

Means

Fifteen data points of Miller and Pilhofer (1976) which lie
in the single drop region were not included in the analysis
because perforated plates with a large number of holes (195 to
5910) were used and therefore one can not be sure that all the
holes were operating at low dispersed phase flow rates. For

these data points the diameters predicted by equation (4.2a)
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in the single drop region are consequently found to be signi-
ficantly bigger than the experimental diameters. Similarly,
Biihler's (1977) data in the single drop region are also not
included, because his nozzle diameters were large (5 mm and

3 mm), so once again, one can not be certain that all the

nozzles were operating when low flow rates were used.

Three data sources (Vedaiyan, 1969, Miller and Pilhofer, 1976,
Loutaty et al., 1969) give drop sizes above the critical
velocity; the first indicates a decrease in the drop size with
nozzle velocity, the second an increase and the third furnishes
only one data point. At the present time it is therefore not
possible to predict the drop sizes in this range with any

degree of certainty.

4.1.2 General Correlation

The variation of drop size with the nozzle velocity has been
observed to be S-shaped (Garwin and Smith, 1953, Loutaty et al.,
1969, Perrut and Loutaty, 1972, Horvath, 1976, Miller and
Pilhofer, 1976) since in the single drop region the drop size
decreases slowly with the increase of nozzle velocity; in the
jetting region the drop size decreases exponentially with the

nozzle velocity and is minimum at the critical velocity.

Horvath et al. (1978) formulated a correlation (equation
(2.11)) for o-xylene/water system which predicts an exponential
decrease of the drop size with the nozzle velocity in the
jetting region. Although a logarithmic function of the type
represented by equation (2.11) is well suited for the jetting
region, such a function can not be extended to the single

drop region since it could yield highly exaggerated values of

the drop size in such regions.

Equation (2.11) has been modified below to include all the
data sources listed in Table 4.2b. The analysis was simplified
using equation (2.6) for the calculation of critical velocity

whereas equations (2.7b,c¢) defining the critical drop diameter
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were retained. For 241 data points on 12 liquid/liquid systems
the following equation was developed for the jetting region :

2

o . dv
72, 1.63Qoge{0.34(~gg—*)

<
w
N

o] 1/2

= 3.83( } (4.4)

[o] pddv

5)

<

This equation predicts the drop size with an average deviation

of 8.5%.

A general correlation for the entire range of nozzle velocities

may be expressed by the following functional relationship

P32 _ £(Fr, ES, 0p/p) (4.5)
a = r, o, o OC .
where Fr (= v2/g/d> is the nozzle Froude number. The values

of Fr for the 12 liquid/liquid systems investigated are given
in Table 4.1. The entire Fr range covered here was best fitted

by a "logistic" equation as

¢
32 pym0.38(, 43 8p)0.41

3 - 5 + exp(-0.16Fr)} (4.6)

[a)
The parameters of equation (4.6) were computed using Marquardt's
algorithim for least-squares estimation of non-linear para-

meters, the standard deviation in ¢32/d being 0.28.

Figure 4.1 shows the data of Horvath (1976) for o-xylene/water
system together with the variation of ¢32 with v predicted by
equation (4.6). It can be seen that equation (4.6) predicts

an S-shaped variation of the drop size with the nozzle velocity.
Alternatively this equation predicts an exponential decrease

of dimensionless drop diameter, ¢32/d, with the nozzle Froude
number, Fr,as shown in Figure 4.2. Table 4.3a compares equations
(4.2a,b), (4.4) and (4.6) in the single drop and jetting

regions in terms of average percentage deviation, y. Overall
comparison of equations (4.2a.b) and (4.6) for the entire

range of nozzle velocities is given in Table 4.3b. Tt can be
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Table 4.3b Comparison of Equations (4.2a,b) and (4.6) for
the Prediction of Drop Diameter for the Entire
Range of Nozzle Velocities in Terms of Average
Percentage Deviation, vy
Source No. of Equations Equation
data (4.2a,b) (4.6)
points
Horvath (1976) 104 8.8 6.2
Vedaiyan (1969) 85 15.7 1i.1
20 14.1 11.0
56 11.7 12.0
50 7.0 13.3
Garwin and Smith 65 4.1 5.0
(1953)
Loutaty et al. 46 8.3 10.9
(1969)
Henton (1967) 4 6.3 13.3
Miller and
Pilhofer (1976) 13 15.1 14.5
Bithler (1977) 22 6.6 7.3
Kumar and 10 11.1 13.9
Hartland (1982)
9 5.0 11.9
Totals or Means 484 9.7 9.5

seen that correlation given by equation

(4.6)

predicts results

of comparable accuracy to that given by equations (4.2a,b) and

at the same time

of a break-point.

is simple to handle because of the absence
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4.2 Correlation for Slip Velocity in Spray Columns

The correlation between slip velocity and drop diameter
developed by Barnea and Mizrahi (1975e) may be improved by

redefining the drag coefficient as :

480994, d-e 4.3

= )
De, 3 30 VZ 1 +€1/3
c’'s

c (4.7)
The introduction of index m, 4 is expected to improve allowance
for wall effects and drop distortion at high Reynolds numbers
and hold-ups. The relationship between slip velocity and drop

diameter may then be written as :

m
Jc )1/3 c 2 )1/3} 4.4

(Re. 1/Che 3 = Cy.pt(Cp, 3Rel

(4.8)

In view of the difficulty in estimating the effective viscosity
*

of the dispersed phase, Ugr in equation (2.4la), the equation

of Leviton and Leighton (1936) :

u 0.4 + u./u
e _ d’ e 5/3 11/3
;; exp{2.5(—T*-:—ag7H;)(€ + € + € )} (4.9)

was used to estimate the dispersion viscosity M- (As will be
shown below,the definition of He is not important.) These
values were used to calculate Ree,l for 602 data points from
nine different data sources listed in Table 4.4a, which gives
the physical properties of 17 liquid/liquid systems. The
operating conditions summarized in Table 4.4b show that for
system 17 the range of Reynolds numbers (0.04 -0.26) is much
less than for the other systems (7 -2450). The unknown con-
stants in equations (4.7) and (4.8) were therefore determined
using a multiple linear regression analysis using the data

on the first 16 systems. The values of the indices m and

4.3

m were 1.844 and 0.497 and the constant C was 1.449.

4.4 4.2
If [ is replaced by B the values become m = 1.822 and

4.3
m = 0.510 and C = 1.374. By approximating m. 4 as 0.5

4.4 4.2
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Table 4.5a Prediction of Dispersed Hold-up and Slip Velocity
by Using Equation (4.10) in Terms of Average
Percentage Deviation,y

Source No. of Hold-up Slip Velocity
data
points
Biihler (1977) 199 11.4 8.3
Ferrarini (1972) 50 11.8 12.0
Loutaty et al. 52 10.6 6.8
(1969)
Horvath (1976) 104 17.3 14.6
Weaver (1959) 10 8.0 7.2
14 25.6 36.9
13.7 11.9
1.7 1.7
Hazlebeck and
Geankoplis (1963) 16 6.4 7.1
Henton (1967) 125 8.5 7.7
Totals or Means 581 11.9 10.1
the values of My 3 and C4 2 giving the best fit are 1.834

and 1.430, and the Reynolds number disappears from equation

(4.8) which then becomes

V2
s = 2.725 22 (i—'—€~l—/—3—)l‘834 (4.10)
3,9 Pe 1+ ¢

Thus the value of CDF is constant and equal to 0.49.

.3

Equations (2.29) and (4.10) were solved for ¢ numerically,

2
minimizing the absolute value of the difference in VS for
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Table 4.5b Comparison of Different Correlations for the
Prediction of Slip Velocity in Terms of
Average Percentage Deviation, y

Source ggégf Pilhofer Barnea and Equation
points (1974) Mizrahi (4.10)
(1975e)
Biihler (1977) 199 15.1 21.6 6.9
Ferrarini (1972) 50 16.6 45.2 8.5
Loutaty et al. 52 12.4 19.2 7.7
(1969)
Horvath (1976) 104 18.4 8.6 11.6
Weaver (1959) 10 6.2 5.9 5.6
14 6.6 11.0 24.8
6 3.3 4.7 8.9
5 5.4 7.6 1.3
Maraschino and 10 25.0 11.1 10.5
Treybal (1971)
Hazlebeck and 16 44.5 12.6 6.4
Geankoplis (1963)
Henton (1967) 125 11.6 12.5 6.4
Total or Means 591 15.2 17.9 8.2

the data sources listed in Table 4.5a (6 liquid/liquid systems
investigated by Maraschino and Treybal (1971) are not included
in this table since the phase flow rates are not mentioned in
the original reference). This was done by using a modified
Newton's method for the solution of a single non-linear
equation. However, the computations were found to be sensitive
to any error in the flow rates and the solution to about 8%

of the total number of data points listed in Table 4.5a was

obtained by using a direct search method. Predicted values of
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hold-up were in turn used to calculate slip velocities. Table
4.5a compares the experimental and predicted hold-up and slip
velocity values in terms of average percentage deviation, Y.
The average values of y are 11.9% and 10.1% for the hold-up
and slip velocity respectively. It can also be seen that
equation (4.10) gives good estimates for hold-up and slip
velocity for all systems but one. Predicted hold-ups for 14
data points on isobutanol/water system investigated by Weaver
(1959) were found to be consistently lower than the experi-
mental values. It is difficult to offer any satisfactory
explanation at this stage. The correlation given by equation
(4.10) may possibly be improved by adding to it a dimension-

less group containing interfacial tension.

Equation {(4.10) has also been assessed with regard to two other
pertinent correlations available in the literature by comparing
the experimental and predicted slip velocities. Table 4.5b
compares the slip velocity values predicted by the correlations
of Pilhofer (1974) and Barnea and Mizrahi (1975e) discussed

in Section 2.3.2 and equation (4.10) in terms of average per-
centage deviation, y. In view of the rather tedious trial-and-
error computation involved in the calculation of hold-up, slip
velocity values for these three correlations were calculated

by using experimental hold-ups. The average value of y for

the correlations of Pilhofer and Barnea and Mizrahi are 15.2%
and 17.9% respectively, whereas that for equation (4.10) 1is

only 8.2%.

Since the computation of hold-up is normally difficult, Figures
4.3 and 4.4 have been prepared, eliminating the necessity of
trial-and-error solution for ¢ and VS. It could be seen from
these figures that two values of hold-up (or slip velocity)

are possible with each pair of flow rates. It has been shown
experimentally (Letan and Kehat, 1967, Loutaty and Vignes, 1969,
Loutaty et al., 1969, Lackme, 1974) that each of the two
solutions has a physical meaning corresponding to loose and
dense-packed dispersions respectively. More about these two
regimes of operation in a spray column has been given by

Lackme (1974), Steiner et al. (1978) and Steiner and Hartland(1983).
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4.3 Correlations for Dispersed Phase Hold-up in Pulsed
Sieve-Plate Columns

Only a qualitative description of different flow regimes in
pulsed sieve-plate extraction columns was given in Section
2.3.3. Before the dependence of hold-up on the column geo-
metry, operating variables and physical properties of the
phases can be expressed in dimensionless form as a product of
dimensionless groups and the relevant indices obtained, it is
necessary to determine the break-points between mixer-settler
and dispersion regions and dispersion and emulsion regions of
operation. Based on the data of Sehmel (1961) on 3 liquid/
liquid systems, Sehmel and Babb (1963) presented a correlation
for the transition point between mixer-settler and dispersion-

type operation which was the frequency for minimum hold-up :
f = 0.667 (-3. 373 +3.883x102ud cAp — 1nA) (4.11)

The quantities in this equation are in SI units. (In the
original reference mixed units were used, namely,feet, inches,
pounds, hours and minutes; moreover, the constants were

incorrectly quoted).

Bell and Babb (1969) found that all the data for a given sys-
tem exhibited a minimum hold-up at the same Af value. Although
these authors employed the same liquid/liquid systems (n-hexane/
water and methyl isobutyl ketone/water) and a similar column

to that used by Sehmel (1961), the values predicted by equation
(4.11) do not correspond to the required value of the Af pro-
duct for minimum hold-up for their data. Other criteria have
also been defined (Sato et al., 1963, Maksimenko et al., 1966),
the first being relevant to the particular liquid/liquid sys-
tem and the second applying to reciprocating-plate columns.

Table 4.6a gives the physical properties for 1103 data points
for 10 liquid/liquid systems in which the solvent was dispersed
and no mass transfer occurred, taken from 7 different data
sources. The operating conditions and column dimensions are
summarized in Table 4.6b. The last two data sources were not
included in the analysis for the reasons given later in this

section. Equation (4.11) was used to separate the data points
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in the mixer-settler region for Sehmel's (1961) results and
the reported Af products for the minimum hold-up (Bell and
Babb, 1969) for Bell's (1964) data.

The break-point between dispersion and emulsion regions of
operation was determined in the following manner: Equation
(2.45), defining the rate of energy dissipation per unit mass

of the mixed phases, was made dimensionless :

3 p
- (Af) [+
E = X< 7TV 571 (4.12)

Ap g
and used as a criterion to separate the two regions.

Based on the data in Tables 4.6a and 4.6b the following cor-
relations were developed with a break-point at E = 0.05.

For the dispersion region (E < 0.05)

4 v4

3.y
(Af) 7p o \Y
_ [o] 0.31 d "¢, 0.30 c,0.14
€= 6.91 {537 3 } (————g ) (1 + —Vd)
Ap, -0. Ha 9 | -o.
- (Rey=0.79 (4 < ,-0.01 (4.13a)
P (oY)
c c
For the emulsion region (E> 0.05) :
4 4
- (Af) "p A v
e = 3.73x10 3 ( c, 0.62 ( d c)0.3l (a+ c)0.45
g o go Vd

(4.13b)

- g 9 -
. (%g) 2.20( d ) 0.29

c PO

Equation (4.13a) is based on 367 data points for 8 systems and
equation (4.13b) on 151 data points for 4 systems, listed in
Table 4.7a. The hole diameter was not considered as a variable
since it was about 3 mm for most of the data points. In addition,
for the two data sources (Sehmel, 1961, Bell, 1964) investi-
gated in the emulsion region, the plate free area was held con-
stand and place spacing did not alter much, so were not in-

cluded in equation (4.13b).

Consideration of 207 data points for 5 liquid/liquid systems
from two data sources (Sehmel, 1961, Bell, 1964) gave the
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following correlation for the mixer-settler region :

2% 9 4 va e
_ -3 2 P9 0,26 £  -0.19,7a Pc ,0.28 .
€ = 3.91x10 " (———) (3263_) (—6—8*“)
; 4
v - U39 .
© 4 v_c)0.19(Ag) 0.81 a9 ) ~0.13

d °c PO

(4.13c)

Hole size, plate free area and plate spacing were not
included in the analysis for the reasons stated in the fore-
going paragraph. Moreover, in equation (4.13c) A and f were
treated as separate variables since this led to better agree-
ment between experimental and predicted hold-up values than

when A and f were combined.

This suggests that the rate of energy dissipation per unit

mass of the mixed phases is not the controlling factor in the
mixer-settler region of operation as in dispersion and emulsion
regions. Equation (4.13c) should be used to predict the hold-
up when E < 0.05 and the predicted value is greater than that
predicted by equation (4.13a) for the dispersion region. The
column diameter does not appear in any of the correlations.
Rouyer et al.(1974) found that the operation of columns up to

600 mm diameter was not affected by the column diameter.

The average percentage deviation,y, in hold-up is given in
Table 4.7a for the mixer-settler, dispersion and emulsion
regions for each of the data sources investigated. The average
value of y in the mixer-settler region is 13.5% and in the
dispersion and emulsion regions 12.4 and 13.7% respectively.

The values of the hold-ups predicted by the proposed corre-
lations for the dispersion and emulsion regions (equations

( 4.13a,b)) are compared with those predicted by the corre-
lations of Miyauchi and Oya (1965) and Mishra and Dutt (1969)
in Table 4.7b. Linear regressions were performed to calculate
the relevant constant C2.17 in the equation of Mishra and

Dutt (see Table 2.4) for each system using experimental data
points. Their correlation appears only to be applicable in

the dispersion region, i.e. for moderate pulsation velocities
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and throughputs. The average percentage deviations for these
two correlations are 31% and 39% respectively, whereas that
for equations (4.13a.,b) is only 13%. No comparison is pre-
sented for the mixer-settler region since no other generali-

zed correlation is available.

Figure 4.5 shows the experimental data of Bell (1964) for the
methyl isobutyl ketone/water system with flow rates Vc=2.51 mm/s
and Vd=2.39 mm/s, together with the variation of ¢ with Af
predicted by equations (4.13a-c) for the dispersion, emulsion
and mixer-settler regions respectively. Once again the agree-

ment can be seen to be good.

58 data points of Arthayukti (1975) on carbontetrachloride/
water system, which lie in the dispersion and emulsion regions
of operation, were not included in the analysis since his data
were obtained at very low dispersed phase flow rates (Vd =

0.14 to 0.50 mm/s) and extreme flow ratios (11 < Vc/Vd < 40).
For these data points the hold-up values predicted by equations
(4.13a,b) are found to be consistently lower than the experi-
mental values. For such data with very low dispersed phase

flow rates and extreme Vc/vd ratios, equations (4.13a,b) can

be fitted with the same indices on the dimensionless groups

but to give different constants.

Niebuhr and Vogelpohl (1980) and Niebuhr (1982a) investigated
toluene/water system with two different columns of diameter

72 mm and 213 mm and reported a total of 320 hold-up measure-
ments. Based on 163 measurements on the first column, Niebuhr
and Vogelpohl (1980) presented a correlation in cgs units,
which has the same form as that given by Bell and Babb (1969):

6

e = vd{o.215 + (3.4x107° + o.347vc) (Af - 1.58)2} (4.14)

These authors claim that all the data points lie within +20%
of the above correlation. However, our calculationsperformed
with the raw data supplied by Niebuhr (1982a) reveal that only
46% of the data points lie within +20% of equation (4.14).
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Figure 4.5 Variation of ¢ with Af Product for the System

MIBK/Water with Vc = 2.51 mm/s and V, = 2.39 mm/s
(Black Dots) Measured by Bell (1964) and Predicted
by Equations (4.13a-c) (Full Lines) for Dispersion,
Emulsion and Mixer-Settler Regions
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If the same equation, with the assumption that the column

-diameter does not affect column operation, is used to predict

the hold-up values for 213 mm diameter column, the percentage

of data points which lie within +20% are 51.6.

Niebuhr (1982b) attributed the uncertainties in his data to
the following :

1) temperature was not controlled and all the experiments were

performed at room temperature;

2) some hold-up values were recorded when the column was

operating near flooding point;

3) in some of the experiments the phase flow rates did not

stablize.

For the reasons given above Niebuhr's data points were not
included in the formulation of equations (4.13a,c) for the
dispersion and mixer-settler regions (30% of his data points
lie in the dispersion region and the remaining 70% in the
mixer-settler region). Equations (4.13a,c) predict 320 data
points of Niebuhr with an average deviation of 27.5% which
is comparable to 27.2% given by the correlation of Niebuhr
and Vogelpohl (1980) (Equation (4.14)).
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5. EXPERIMENTAL WORK ON THE COALESCENCE OF LIQUID/LIQUID
DISPERSIONS

The coalescence of liquid/liquid dispersions was investigated
in two types of apparatus. A single-stage continuous mixer-
settler was used to study the continuous settler characteris-
tics, and the effects of mixing regime and phase ratio. Batch
tests were also performed using the same mixing tank. The
second apparatus used was a spray column since it provides
some advantages over studies involving mechanical agitation, as
pointed out earlier in Section 3.2.5. Moreover, the average
drop size produced by a drop distributor in a spray column is
an order of magnitude greater than that encountered in a
mechanically agitated vessel.

5.1 Mixer~Settler Apparatus

A schematic diagram of the apparatus is shown in Figure 5.1.
The mixing tank comprised a QVF glass column of 200 mm
diameter and 300 mm high fitted with a dispersion exit port
15 mm in diameter at 90 degrees to the column wall and 200 mm
above the base, and 10 mm thick stainless steel end-plates.
Two 15 mm diameter holes in the bottom end-plate served as
the light and heavy phase inlet ports. Four equally spaced
vertical wall baffles,each 20 mm wide, made of stainless
steel were welded to the top end-plate. A six-bladed flat-
blade turbine 67 mm in diameter, attached to astainless steel
shaft, was located at 100 mm above the bottom of the mixing
tank. The shaft was connected to a 120 W drive motor which

provided a continuously variable output speed of 0 to 24 rps.

The dispersion overflowed by gravity into the settler which
consisted of a glass QVF column, 100mm in diameter and 500 mm
high, by means of a dispersion inlet port situated 90 degrees

to the settler wall and 150 mm above the base of the settler.
The separated phasesoverflowed into their respective storage
tanks and were recirculated back into the mixing tank by means
of two centrifugal pumps (QVF type GPB 3/30A) and two rota-

meters with fine control needle valves.
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5.1.1 Liquid/Liquid System and Experimental Procedure

A mixture of 40% paraffin oil and 60% toluene was selected as *
dispersed phase and deionized water as the continuous phase.

The physical properties of mutually saturated phase at 20%

were py = 870.5 kg/m>, p_ = 998.0 kg/m’, g = 1.64 mPa s,

Mg = 1.01 mPa s and ¢ = 38.0 mN/m. The densities were

measured using a pyknometer, viscosities by an Ubbelhode vis-

cometer and the interfacial tension by a drop volume method.

Before experimentation the apparatus was thoroughly cleaned
first by rinsing with hot water, soaking in dilute nitric
acid for 24 hours, draining, flushing with tap water, soaking
in acetone for 24 hours, draining, then flushing twice with

deionized water.

The storage tanks were then filled with the respective
liquids, the thermostatic set-up switched on, pumps put

into activation and the dispersed and continuous liguids placed
in the mixer to give a phase ratio of 1 : 1.5. The supply of
both the phases to the mixing tank was temporarily cut off by
closing the needle valves and the agitator then started, the
speed being set at 8 rps (complete mixing was observed at
this speed). 1In this way the 40% paraffin oil + 60% toluene
mixture was dispersed in water. After a few minutes mixing
time the needle valves were re-opened, the ratio of dispersed
to continuous liquids set at 1 : 1.5 and the liquids circu-
lated for about 24 hours to ensure mutual saturation of the
phases. An arbitrary value of 12 litre/hr of the dispersed
phase was chosen for this purpose.

Five characteristics for continuous settler behaviour at the
steady state were determined under different conditions. The
parameters varied were the mixing speed and feed dispersion

concentration (phase ratio).

A typical continuous experiment was performed by switching on
the thermostatic set-up, starting the agitator and pumps and
adjusting the throughput of each phase, measured by means of
calibrated rotameters to give the desired phase ratio and

total throughput. The liquids were circulated and the dispersion

-
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band height recorded every ten minutes. The steady state was
considered to have been achieved when three successive
readings of the dispersion height matched within * 2%

(the average was used). More than one hour was generally
needed to obtain each point on the settler's characteristics,

two hours and ten minutes being the longest period observed.

A typical batch experiment was carried out, wherein the

supply of both the liquids to the mixing tank was abruptly
stopped; the agitator motor was then switched off and the
dispersion allowed to collapse by sedimentation and coalescence
processes. The levels of the sedimenting and coalescence fronts
were recorded as a function of time. The movement of these
fronts of the dispersion band was sufficiently slow to be

observed visually.

5.1.2 Results

i) Continuous Settling - Effect of Mixing Intensity

The effect of mixing intensity on the continuous settler
characteristics is shown in Figure 5.2a in terms of energy
dissipation per unit mass group, N3D2. In these experiments
the ratio of the dispersed to the continuous phase was kept
at 1 : 1..5. It can be seen from the figure that the dis-
persion band height,H, increases with both the dispersed
phase throughput per unit area, Qg/R, and the mlxlng speed,
N (curves A and B). Curve C (N D = 4,81 m /s ) however,
shows 1ower dispersion heights as compared with curve B (N D2
2.95 m /s )y for Qd/R more than 0.46 mm/s. This could be
attributed to the fact that fresh continuous phase was used
for this particular run and one would expect the fresh liquids
to be free of surface active contaminants. But for Qd/R

less than 0.46 mm/s, the dispersion heights given by curve o]
are higher than those given by curves A and B. This may be
due to the fact that the residence time of the dispersed phase
in the mixing tank, which varied from 20 to 36 seconds for
these runs, is higher at low dispersed phase throughputs and

hence smaller drop sizes and higher dispersion band heights.
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Figure 5.2a Continuous Settling Results: Effect of Mixing
Intensity

The data of Fugure 5.2a have been re-drawn on log-log

coordinates in Figure 5.2b. The slopes of the lines A, B

and C are 3.08,

3.14 and 2.55 respectively. Incidently, these

values are not very much different from those of Ryon et al.

(1960) and Golob and Modic (1977) whose data gave slopes of

2.5 and 3.1 respectively.

Another mathematical representation of the continuous

.
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Figure 5.2b Continuous Settling Results

settling results is given in Figure 5.2c which shows a plot
of H/(Qd/R) versus H. Equation (3.17b) proposed by Stonner
and Wohler (1975) has been used to correlate the experimental
results. As can be seen from the figure, the results are
well-fitted by equation (3.17b).

An additional run was carried out at Qd/R=l4.4 litre/hr and the
dispersed to continuous phase ratio of 1 : 1.5 to assess the
effect of mixing intensity on the dispersion band height. In
this run the mixing speed was varied from 9.78 to 16.63 rps

which is much higher than the speed needed for complete mixing
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for the liquid/liquid system used, and the average residence
time of the dispersed phase in the mixing tank was 26 seconds. At
mixing speeds of 16.63 and 14.98 rps, the dispersion entered
the settler in the form of periodic small packets due to jerky
oscillations of the liquid surface in the mixing tank. This
disturbed the dispersion band in the settler due to which it
was not possible to attain the steady state at these mixing
speeds. It was however possible to attain steady state disper-
sion in the settler at lower mixing speeds (9.78 to 13.45 rps).
In these experiments the dispersion band height did not change
with the mixing speed and its average value was found to be
equal to 180 mm. The outcome is not surprising in view of the
discussion on the effect of mixing regime given in Section
3.2.2. The range of mixing regime investigated falls in a range
of operation where the batch or continuous characteristics do
not change significantly with increasing mixing intensity.

This feature may be explained in the following manner :

The drop size distribution produced by a mechanical mixer is
the result of a dynamic equilibrium between the opposing
mechanisms of droplet break-up and re-coalescence. Increased
mixing intensity affects both mechanisms simultaneously; higher
shearing forces enhance droplet break-up, whereas higher
collision frequency increases the re-coalescence rate.Thus, the
final result may only be a moderate change in the average drop
diameter and an even more mild effect on the "tail" end of the
size distribution (smallest drops) which is relevant to conti-
nuous settling. Moreover, the effect of average drop size of
the drops entering the settler tends to become negligible

when the average residence time of the drops in the dispersion

band is much larger than their life expectation.

ii) Continuous Settling - Effect of Feed Dispersion
Concentration (Phase Ratio)

The effect of feed dispersion concentration (phase ratio) on

the dispersion band height was investigated under aqueous
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Table 5.1 Effect of Phase Ratio on Dispersion Band Height

Organic/aqueous ratio 1:3 1:2 1:1 1.5:1
Dispersion band height 50 130 225 417

continuous conditions. A total throughput of 40 litre/hr was
chosen for this purpose and the mixing speed was kept at 7.88
rps. The results from four experiments in which the ratio of
organic to aqueous phase was varied from 1:3 to 1.5:1 show

a marked dependence of the dispersion band height on phase
ratio (Table 5.1). The results are in agreements with earlier
observations (Rowden et al., 1974, Barnea and Mizrahi, 1975d).
It has been pointed (Rowden et al., 1974) that for a constant
total throughput the dispersion band height passes through

a maximum when the dispersed to continuous phase ratio is 2:1.
However, one would expect that the maximum dispersion band
height to be a function of both the liquid/liquid system
properties and phase ratio. Thus the result of an increase in
dispersed to continuous phase ratio may not be constant, and
a maximum dispersion band height may be expected in different

systems at different phase ratios.

The results giyen in Table 5.1 corroborate the general fact
that the dispersion band height increases with increase in
dispersed to continuous phase ratio. Since it was not possible
to explore the effect of higher organic/agqueous ratios because
the settler would have flooded, the concept of maximum
dispersion band height at a particular phase ratio could not

be established for the liquid/liquid system investigated.

On the assumption that continuous phase throughput has no
effect, dispersion heights were correlated again by using
equation (3.17b) with an average deviation of 14.7% and a

maximum deviation of 25.2%.
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iii) Batch Settling

With the system used, sedimentation of the dispersed phase
droplets took place quickly, whereas the coalescence process
was observed to be very slow. Consequently, a dense-packed
dispersion was quickly formed and it took as long as 180
seconds before any change in the initial level of the coale-
scence front could be detected in all the batch settling
experiments. Moreover, the movement of the levels of sedi-
mentation and coalescence fronts was followed visually and
it was not possible to record both the levels at the same
time. Cubic or higher order polynomials were fitted to the
sedimenting and coalescence levels data. Fitted polynomials
were then used to regenerate the heights of both the fronts
as a function of time which, in turn, were used to calculate
the total batch decay height, h. Fitted total heihgts of six
batch experiments are given in Table 5.2 (batch experiments
3105B1,B2, 3124B1,B2 and 3134Bl1,B2 correspond to continuous
experiments 3101-3105, 3121-3124 and 3131-3135 respectively).
This table also gives the initial batch dispersion height,

ho' and the primary break time, t for each experiment. It

B'
can be seen that the primary break times for experiments
3124B1,B2 are on the average 16 and 13% higher than those

for 3105B1,B2 and 3134Bl,B2 respectively.
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Table 5.2 Batch Settling Results

Expt No. 3105B1 3105B2 3124B1 3124B2 3134B1 3134B2
ho (mm) 199.5 199.5 201.0 201.0 201.5 201.5
tB (s) 575 595 673 688 590 618
t h h h h h h
s mm mm mm mm mm mm
180 - - 83.6 - 83.8 -
190 78.6 77.0 79.6 - 78.4 -
200 74.7 72.0 75.5 79.5 73.2 83.2
210 70.6 67.4 71.3 75.5 68.2 80.6
220 66.4 62.9 67.1 71.8 63.4 77.2
230 62.2 58.7 62.8 68.1 58.8 73.3
240 58.0 54.6 58.7 64.5 54.3 68.9
250 53.8 50.9 54.6 60.8 50.1 64.3
260 49.7 46.7 50.6 57.0 46.0 59.6
270 45.7 43.1 46.8 - 53.1 42.2 54.9
280 41.9 39.6 43.2 49.0 38.7 50.4
290 38.3 36.3 39.7 44.9 35.5 46.2
300 35.1 33.3 36.6 40.8 32.6 42.3
310 32.2 30.7 33.6 36.8 30.0 38.8
320 29.8 28.6 31.0 33.0 27.7 35.7
330 28.0 26.9 28.7 29.6 25.6 33.0
340 26.7 26.0 26.7 26.7 23.8 30.6
350 26.2 25.8 25.0 24.5 22.0 28.4

360 - - - 23.3 20.3 26.4
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5.2 Spray Column Apparatus

A schematic diagram of the spray column apparatus is shown in
Figure 5.3. A QVF glass column of 100 mm inner diameter and
‘700 mm length was used. To the column was attached a 100 mm
to 150 mm reducer to accommodate the dispersed phase distri-
butor. The distributor consisted of a 10 mm thick teflon
plate of 115 mm diameter in which a total of 184 sharp-edged
stainless steel syringe needles of 0.6% mm inner diameter
were arranged on a triangular pitch of 6 mm. The cylindrical
stainless steel assembly holding the distributor plate was
filled with stainless steel spring packing to circumvent
channelling and allow a more or less uniform delivery through
all the nozzles. The heavy dispersed phase was recycled con-
tinuously from a reservoir to a constant head tank by a

glass centrifugal pump (QVF type GPB 3/30A) and the light
continuous phase kept stationary. A sintered glass filter
was installed in the line between the pump and the head tank
to remove any fine haze in the dispersed liquid. From the
constant head tank the dispersed phase was fed under gravity
to the distributor through rotameters. The coalesced liquid
was taken from the bottom of the column and returned to the

reservoir through an overflow valve.

5.2.1 Liguid/Liquid Systems and Experimental Procedure

The systems used for the experimental work were water/40%
paraffin oil + 60% toluene, and water/60% paraffin oil + 40%
toluene, water being dispersed in the organic liquids.
Deionized distilled water and technical grade organic 1liquids
were used. Experiments were carried out at 20 to 21°Cc and

the physical properties of the mutually saturated phases at
20°C are given in Table 5.3. A pyknometer was used to
measure the density and two Ubbelhode viscosmeters to measure
the viscosity. A drop volume method was used to measure the

interfacial tension.

Experiments were performed by thoroughly cleaning the apparatus,
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Table 5.3 Physical Properties of Systems Investigated
Phases I ) u U o]
Dispersed Continuous d 3 € 3 d €
kg/m kg/m mPa s mPa s mN/m
Water 40% Paraffin 997.95 868.39 0.9861 1.7681 38.8
oil + 60%
Toluene
Water 60% Paraffin 998.23 867.39 0.9983 3.9858 39.3
oil + 40%
Toluene

the method cleaning being the same as that given for the mixer-
settler in Section 5.1.1. After cleaning, the dispersed phase
storage tank and column were filled with distilled water to
remove air from the pipelines and distribution nozzles. The
organic liquid (continuous liquid) was then added to £ill the

column up to the required height.

Before taking the measurements the system was run at a low
dispersed phase throughput for about 24 hours to achieve
saturation of the phases. The dispersed phase throughput was
then fixed at a chosen value and the dispersed phase again
cirulated for about 45 minutes to attain the steady state.

For each throughput the behaviour of steady state and decaying
dispersions were separately recorded (a decay profile was only
recorded when the steady state height was more than 50 mm).

For dispersions at steady state the variation in drop diameter
with height was determined photographically by using a Nikon
F-2 camera and a special plane glass window attached to the
column with the intervening space filled with the continuous
phase. At each flow setting photographs were taken of the drops
entering the dispersion, at the passive interface, in the
middle of the dispersion and at the active or coalescing inter-
face. Sideways illumination was used behind a diffuser paper
wrapped around the most portion of the column. A high-speed
film, Ilford HP 5, 400 ASA, was used at camera settings of

1/80 and 1/125 s at f8. The drop sizes were analysed by using

projected images and a frequency histogram of apparent drop
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giameters obtained. Drops that were out of focus or partially
Lii:cured were ignored. This data was then corrected for the
degree of photographic enlargement determined in separate
experiments in which a uniform steel tube of known diameter

was photographed close to the wall of the column. The variation
in hold-up with height was determined by the y-ray absorption
technique, the locations of measurements being the same as

those mentioned for the drop diameter measurements.

The decay of a steady state dispersion was studied by suddenly
closing the gate valve between the constant head tank and
rotameters. The levels of the coalescing and sedimenting inter-
faces were then photographed every two seconds. This was done
by using a Nikon intervelometer MT-1 connected to the motor-

driven camera.

5.2.2 Results

i) Dispersioms at Steady State

The steady state dispersion band height as a function of dis-
persed phase throughput per unit area is plotted in FigureS5.4a
for the two systems investigated. The curves in this figure
are similar to the results reported by other workers (Smith
and Davies, 1970, Allak and Jeffreys, 1974). The data of
Figure 5.4a have been redrawn in Figure 5.4b according to
equation (3.17b) and it can be seen that the results are well
correlated.

A total of thirty one drop size distribution measurements also
resulted. To save space all the raw data is not presented here
but typical drop size distributions obtained of the drops

entering the dispersion band are shown in Figure 5.5.

Sauter mean diameters of drops entering the dispersion and
at different positions of the dispersion band are summarized
in Table 5.3. This table also lists the dispersed phase
hold-up values corresponding to the drop size measurement

locations. -
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Continuous Liquid

° 40%0o Paraffin oil
60%0 Toluene

- 60% Paraftin oil
40% Toluene

2 3 4
Od/R » mm/s

Figure 5.4a Variation of Dispersion Band Height, H, with

Dispersed Throughput per Unit Area, Qd/R
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Expt No Qd/R,mm/s ¢32,mm

40 101 3.82 1-61
» 30
0
c
[
3
S
= 20
&

10

0 1

0-5 1.0 1.5 2.0 2.5 30
¢ , mm
Expt No Qd/R,mm/s ¢32,mm

a0 | 404 318 217
»30
Q
c
[
3
g
L 20
&

10

0 pr———
0-5 1.0 1.5 2.0 2.5 3.0
¢, mm
Figure 5.5 Frequency Distribution of Drops Entering the

Dispersion Band
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Table 5.3 Drop Size and Hold-up at Different Locations of
i Measurement
Expt Qd/R H Location of ¢32 €,
No. /s T Measurement* o
101 3.82 90 E 1.61 -
S 1.97 0.620
M 2.49 0.790
C 3.42 0.870
102 3.40 72 E 1.68 -
S 1.89 0.600
M 2.39 0.785
C 2.86 0.865
103 4.24 112 E 1.69 -
S 2.07 0.630
M 3.39 0.790
C 4.26 0.880
104 4.46 120 E 1.67 -
S 2.20 0.650
M 3.54 0.800
C 4.61 0.888
401 2.97 160 E 2.49 0.081
S 2.84 0.694
M 3.45 0.790
C 3.95 0.887
402 2.55 55 E 3.47 0.081
M 3.85 0.839
403 2.76 120 E 2.70 0.081
s 3.29 0.677
M 3.78 0.806
C 4.35 0.919
404 3.18 200 E 2.17 0.097
S 2.36 0.742
M 2.89 0.774
C 3.80 0.855
405 2.33 37 E 3.75 -
*E - drops entering the dispersion band, S - sedimenting inter-

face, M - mid-point of dispersion band, C - coalescence front.
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120 4 System : Water/40% Paraffin oil Expt No
60°%Toluene

100

80

40

20

Figure 5.6a Decay of Steady State Dispersions

ii) Decay of Steady State Dispersions

The results for the decay of steady state dispersions are
given in Figures 5.6a,b for the systems water/40% paraffin
011+60% toluene and water/60% paraffin 0il+40% toluene
respectively. The curves in these figures are similar to those

reported by Widjaja (1977) and Hartland and Vohra (1978).
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6. PREDICTION OF STEADY STATE DISPERSION BAND HEIGHT

In this chapter models of coalescence relating batch and
continuous settling are discussed and the batch and continuous
settling results given in Section 5.1.2 correlated in the
light of these models. In Section 6.3 an empirical correlation
for the prediction of steady state disparsion band height in

a spray column is presented.

6.1 Mathematical Models
6.1.1 Binary Coalescence

Consider a volume of dispersion V in which there are M drops
each of diameter ¢ and the dispersed phase hold-up is €.
Although V and € may change with time, the volume of the dis-
persed phase, Ve = Mn¢3/6, remains constant. Differentiation

with respect to time,t, gives :

_loam | 34y .
M at s at (6.1)

If these M drops coalesce in a time Ty, produce M/2 drops, then:

- aM = M- M/2 = (6.2)

M
dt ™ 21b

Hence the rate of increase in drop diameter is given by :

o _ _¢
dt Grb (6.3)
When Ty, is. constant and ¢ = ¢o at t = 0, integration yields an

exponential relationship :

b= 4 /67y (6.4)

However, in general, s should be a function of drop size :

Th T Tpx($/0,)0 (6.5)
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where Ths is the binary coalescence time for drops of
reference diameter ¢,. Setting this equation in equation

(6.3) and integrating with the initial condition ¢ = 0 when

t = -to gives :
I < S 1/n
r {6 Tbét + to)} (6.6a)
SO
¢ nt
=2 = (3~~—‘3)1/n (6.6b)
d’* ’L’b*
and
- f,)1/n (6.6¢)
o [¢]
Furthermore, if the reference time is t, when ¢ = ¢,
equation (6.6a) yields :
Tk = n(t, + to)/6 (6.7a)
and

t + t
Ol e R (6.7b)
* * [e)
which become :
b, = nt,/6 (6.8a)
and

t + t
o . S % m
b, ( t, ) (6.8b)

when t0 <<ty .

Equation (6.8a,b) will be used in Section 6.1.3to express
the drop growth with time in batch and continuous disper-

sions.
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6.1.2 Coalescence at the Disengaging Interface

In a dense-packed dispersion the layer of drops adjacent to
the disengaging interface covers a fraction £ In an area

R there are thus 4R ¢, Vi /w¢ drops of average dlameter ¢

if Yi is a shape factor which allows for their non- spher1c1ty.
The number of drops coalescing in unit time is therefore

4R eiyi/n¢i T, where T is the average time for each drop to
coalesce with its homophase. The volume rate of coalescence
per unit area of the disengaging interface, wi, is then given
by (4 eiyi/n¢i Ti)(ﬂ¢i/6), SO we may write :

_ i "ivi
wi = — (6.9)

At steady state this is equal to the volume throughput of the
dispersed phase per unit area, Qd/R. Thus :

4a _ Z i i (6.10)

In a decaying dispersion of height h and average hold-up ¢
the volume rate of coalescence at the disengaging interface
is equal to the rate of decrease in dispersion volume,

-d (eh) /dt, so we can write :

d(eh) E—ii—ii_fl (6.11)

6.1.3 Formulation of Equations for Batch and Continuous
Dispersions

Since in a dense-packed disperion Y and e; are constant and
close to unity, the volume rate of coalescence in equations
(6.9 - 11) is effectively determined by the ratio ¢i/Ti.

The value of ¢i depends on the degree of binary ccalescence
which has occurred before the drops reach the disengaging
interface, and the value of Ty depends on how it is affected

by ¢i and the magnitude of gravitational forces pressing on
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the draining film. The gravitational forces depend on the
thickness of the dense-packed layer, which in turn we will
assume is a fraction of the dispersion height. Thus T; can
be expressed in terms of a reference coalescence time, Ti*,
which pertains to the drop diameter ¢,, and a dispersion
height h, as :

¢
_ i €eh
. Ti*($:)m/ f(e*h*

) (6.12)

Substituting equations (6.8b) and (6.12) into equation (6.9)
the volume rate of coalescence per unit area of the disen-
gaging interface is obtained as :

2 Yi Ei ¢* t + tO (1) /n eh

.= £
vy 3T, T ) (Zh

) (6.13a)

*Tk

Since Y, = 2yiai¢*/3ri* the above equation can be re-written

as :
Yt @m
= oy -/, eh
b= e F(po) (6.13b)
*
For the decay of a batch dispersion, wi = =d(eh)/dt in
equations (6.13a,b). At the reference point where e¢h = ¢, h,

and t = t, >> tyr £(eh/e,h,) becomes unity. Thus we can write :

d(eh) _
B S Tt P (6.14)
For a continuous dispersion wi is the dispersed phase through-
put per unit area, Qd/R’ h the steady state dispersion
height H, and t (= eRH/Qd >> to) the residence time of the
drops in the dispersion.

ch )
€,.h,

*

i) Choice of f£f{

There are many forms which f(ch/e h,) can take. On the one
hand the continuous equation should be of the form of

equation (3.15) or (3.17c), or some other form which expresses
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an exponential increase in H with Qd/R and on the other,
the batch equation should predict an S-shaped curve and the
associated inflection point when the initial turbulence is
high,or an exponential decay alone when the dense-packed

dispersion is quickly formed.

A simple form is f(eh/e,h,) = (eh/e*h*)p. Integration of
equation (6.13b), using the reference point as the boundary

condition, yields the following equation for the batch decay:

a w*t* t + to 8

= (( )

1- )
e h, B Exhy t,

- 1} (6.15)

where o =1-pand 8 =1+ (1 - m)/n. Equation (6.15)
predicts an S-shaped decay curve. The corresponding continuous

equation is :

. e (51&1)1/(8—a) (gg- _Ei_)B/(B—a) (6.16)
€xh, xta R e,h, )
which is of the form of equation (3.15). In the special case

when m = p = 1, the equation for batch decay becomes :

€h _ Pat
1oge (e*h*) - e h,

(6.17)

which predicts an exponential decay of the batch dispersion.
Under the same conditions the continuous equation becomes:
- %

1
e;h, ~ ¥, ® (6.18)

which indicates a linear relationship between H and Qd/R.

For S-shaped batch curves the form of f(eh/e*h*) should re-
flect the growth of the dense-packed layer from zero initial
thickness to its maximum value in the region of the inflection
point and then its return to zero thickness when the disper-
sion disappears. This condition is not satisfied by the
function (eh/e*h*)p. However the condition is approached by

the modified function
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Uﬁszh/e*h*)p
f(eh/e h,) ——— e 6.19
* I+k(eh/ch,) 4 ( )

which passes through a maximum at :

eh  _ P 1/q
he i) (6.20)

€
Integration of the batch equation then gives :

1 eh
3 {1 -«

Exhy

)%} +

k _ eh Ja+q
Trg - G

£, tHE
(13%) f:h: { ~—;:—9)B -1} (6.21)

The continuous equation becomes :
Q4 ta g Vyty /e h, . (1+k) (eH/e, h,) B

Re,n,) (6.22)

(
1+k (eH/e,h,)9

If g =8 - a(=p + (1-m)/n)the above equation becomes :

eH_, B0 (/R - ta/e4hy)”

Z.h,) T Ut /e, n (IFK) K (Qg/R t, /e h,) P (6.23)

Should p = q = 1, equation (6.19) reduces to the hyperbolic

function
» ch eh/eh, 6.24
e,h,) 1704k} + k/(1+K) . (eh/e,h,) (6-24)

A function of the type given by the above equation will be
useful in cases where the sedimentation is relatively fast
and the coalescence process rather slow, so that the dense-
packed dispersion is quickly formed and the batch decay is
exponential.

Moreover, if m in equation (6.13b) is equal to unity the

equation for batch settling becomes :

£xhy 29

5% 109, () + (eghy = €h) = ¥, (€ - t,) (6.25)

K_
I+k
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which predicts a modified exponential decay. In addition

the equation for continuous settling is given by :

_EH = Qd/R (6.26a)
e.h, U, (1+k) - de/R .
which may be re-written as :
en _ __1/k-Qq/R (6.26b)
exh, Y, (1+k) /k - Qd/R :
or
e, h

cH _ *k k

Qd/R = w:TT:ET + E:TI:ET eH (6.26¢c)

Equation (6.26c)is of the form of equation (3.17b).

If f(eh/e,h,)in equation (6.13b) is unity, the batch equation
integrates to :
1 Vats t+t

- = = O B _
1 0, B T.h, {( £, ) 1} (6.27)

which predicts an exponential type of decay. The continuous

equation becomes:

0 4
eH  _ d, B/ (B-1)
vty © w9 (6-28)

which is of the form of equation (3.15).

ii) Choice of Reference Conditions

One is faced with some problems in choosing the reference
conditions. Normally it is difficult to locate the phase
boundaries in the initial stages due to residual turbulence
so that the initial slope cannot be precisely determined.
This is also true of the final slope because of the

stochastic nature of the coalescence process.
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If the variation of h with t in the decay curve exhibits

an inflection point, then it is easy to measure the reference
quantities h,, t, and the slope s, = (-dh/dt), = ¥,/

at this point. A decay curve may not possess an inflection
point when the initial turbulence is weak. In such a case
the initial slope, Sy = (—dh/dt)0 B wo/eo can be easily
measured together with ho' However, one would expect
different sets of reference quantities to result in different
sets of values of constants correlating the batch data. The
effect of reference conditions on the evaluation of unknown
constants will be discussed in more detail in the following

section.

6.2 Application to Experimental Results

The data of six batch-settling experiments given in Table

5.2 were found to fit very well to an equation of the type :

h = CG.l exp(—cG.zt) (6.29)

the regression coefficient,r, in all cases being more
than 0.99.

Equation (6.29) predicts an exponential decrease in h with
t and so the batch-settling equations (6.17), (6.25) and
(6.27) do also. However, equation (6.17) is not very useful
for the present results since its corresponding continuous
equation (6.18) indicates a linear increase in H with Qd/R
whereas the continuous results given in Figures 5.2a,b show
an exponential increase. Equation (6.27) is based on the
assumption that the thickness of the dense-packed layer

has no effect on coalescence at the disengaging interface.
Moreover, calculations showed that the values of § were not
meaningful.

Finally, equation (6.25) was used to correlate the batch-
settling results. As expected, the choice of reference con-
ditions had a marked effect on the value of the correlation
constant, k. It can be seen from Table 6.1 that the value

of k increases with t,, passes through a maximum and starts

Y
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decreasing again. The value of ¥, (1+k) /k decreases with

t,+ reaches a minimum (corresponding to the maximum value

of k) and then increases again. This shows that the use of
diferent reference conditions would predict widely different
values for the dispersion band height in a continuous settler.
To solve this dilemma, straight lines were fitted to the
coalescence front data to find the average slopes (coalescence
rate). In four out of six sets in Table 6.1, the value of

¥, (also coalescence rate) for k to be maximum or U, (14k) /k
to be minimum almost matched with the corresponding average
slope, whereas the remaining two values of Yy, were not far
away from the corresponding average slopes. Moreover, it was
found that the value of ¥, corresponding to the average
coalescence rate (slope) of the batch curve resulted in k
values which predict well the dispersion band height in the
continuous settler. Golob and Modic (1977) also arrived at
similar conclusions while correlating the batch and con-
tinuous settling (see Section 3.2.3).

Table 6.2 compares the experimental and predicted continuous
heights calculated by using equation (6.26a) and the maximum
value of k (or minimum value of Y, (1+k) /k) listed in Table
6.1. The continuous experiments 3101-3105, 3121-3124 and
3131-3135 correspond to the batch experiments 3105B1,B2,
3124B1,B2 and 3134B1,B2 respectively. It can be seen that
the agreement obtained between experimental and

calculated values of H using the maximum value of k of
experiment 3105B2 is not good for Qd/R higher than 0.5mm/s.
It is also true that none of the k values listed in Table
6.1 for this particular experiment predict continuous
results (3101-3105) satisfactorily. Moreover, the maximum
value of k for experiment 3124B2 predicts flooding at

Qd/R = 0.42 mm/s, which is much less than the experimental
Qd/R values at which flooding did not take place. Hence,the
k value corresponding to t, = 260 s (20 seconds less than t,
for the maximum value of k) was used to predict the continuous
results for Experiments 3121-3124, For the remaining four

sets the maximum values of k were used to compute
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Table 6.2 Continuous Results Compared with Those Calculated
from the Batch Results

Exp. Qd/R H(exp) H (pred)
No.
mm/s mm mm
k=0.47 k=0.02
LUK o9 96 MellrK) g5 gy
mm/ s mm/ s
3101 0.374 50 74 70
3102 0.436 75 97 82
3163 0.509 125 131 96
3104 0.578 195 176 110
3105 0.652 265 247 125
k=0.40 k=0.75
Ex%liﬁl. = 1.02 Yxi%ikl = 0.82
mm/ s mm/s
3121 0.374 65 78 72
3122 0.436 87 101 97
3123 0.509 160 134 140
3124 0.577 245 175 205
k=0.59 k=0.86
Y%k _ g5q LUK g g6
mm/s mm/s
3131 0.371 64 66 68
3132 0.435 100 90 96
3133 0.509 140 129 145
3134, 0.578 211 185 227

3135 0.651 265 288 428
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the continuous results. The agreement between experimental
and predicted heights can be seen to be good in spite of the
simplified assumptions used in formulating the batch and

continuous equations.
If the hold-up is assumed to be constant equation (6.25) for

the batch settling may be simplified to :

1 -
C6.3 loge(H) - Ce.4h + Ce.5 =t (6.30a)

A comparison of equations (6.25) and (6.30a) shows that

eh,
6.3 = 3T 0 (6.30b)
. € k
6.4 = v, (1+k) (6.30c)
and
e € h,k v
C6.5 T i %)t gy ot (6.304)

Under the same conditions the continuous equation becomes :

_ Cg 394/ (Re)

- 1-Cq494(Re) (6.31)

The constants (C6.3 and C6.4) evaluated from the batch
settling data given in Table 5.2 are listed in Table 6.3.

The constants given by Experiments 3105B2 and 3124B2 are not
meaningful and the other sets of constants predict either

too low or too high continuous heights, indicating that
averaging C6.3 and C6.4 over all observations is not useful
and specific reference quantites have to be used in order

to correlate the batch and continuous settling satisfactorily.

Mizrahi and Barnea (1970) and Barnea and Mizrahi (1975d)
suggested a correlation of nominal settler capacity with
batch separation or primary break time (equation (3.19)).
Using the same approach the nominal settler capacity based
on dispersed phase throughput per unit area (since the phase
ratio in the experiments described above was kept constant,

namely 1:1.5) was related to a value of H of 200 mm
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Table 6.3 Constants of Equations (6.30a, 6.31)

Exp.No. 3105B1 3105B2 3124B1 3124B2 3134B1 3134B2

C 113.29 141.63 87.09 31.10 111.63 77.32

0.42 -0.17 1.00 2.02 0.28 1.07

and the batch separation time,tB, (seconds) to the batch
dispersion height of 200 mm as :
%

(6.32)
&)y

_ ~0.54
= 18.14tB

It can be seen from Table 6.4 that this correlation is very

good with a maximum absolute error of 1.4%.

Table 6.4 Correlation of Nominal Settler Capacity

Exp.No. tB ’ (Qd/R)N Error
s - exp mm/'s pred - K
3105B1 575 0.600 0.603 - 0.5
3105B2 595 0.600 0.592 1.3
3124B1 673 0.549 0.554 - 0.9
3124B2 688 0.549 0.547 0.4
3134B1 590 0.586 0.594 1.4

3134B2 618 0.586 - 0.580 1.0

6.3 Empirical Correlation for the Steady State Dispersion
Band Height in Spray Columns

It should be possible to estimate the dispersion band thick-
ness from the correlations of physical properties. Corre-
lations available in the literature (equations (3.24-26)) were
used to predict the steady state dispersion band height for
the two systems investigated. Computed heights, using these
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three correlations are listed in Table 6.5 (for experiments
406-410 only heights were recorded and drop diameters not
measured; predicted diameters using equation (3.6) were .
used in equations (3.24-26) for these experiments), and it
can be seen that these are consistently lower than the
experimental heights. The outcome is understandable since
these correlations are based on the experiments performed

in the single drop or non-jetting region (large drops) and
the dispersion band height, H, was shown to increase linearly
with Qd/R, whereas present results were obtained in both
single drop and jetting regions and show an exponential
increase. A correlation similar to equations (3.24-26) has
been developed for the present results to give different

constants as:

2
Q./R.u ¢~ Apg
2o 3isex107 (-3 —g1.99 To 77 y~1-52(24)-0.28 (6.33)
L ¢ ‘ Mo

Predicted heights are given in Table 6.5 and the agreement
with the experimental heights can be seen to be good.
Experiments 406-410 were not included in the analyis since
the diameters of the drops entering the dispersion band were
not measured. Once again, predicted diameters using equation
(3.6) were used and the heights calculated. Because of the
additional error introduced due to the use of predicted drop
diameter, the agreement between experimental and predicted
heights for experiments 406-410 is only fair. Thus,

if the drop diameter is not available, the correlations of
drop sizes given in Sections 4.1.1 and 4.1.2 may be used in
conjuction with equation (6.33) to calculate approximately

the steady state dispersion band height in a spray column.
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7. CONCLUSIONS

Three types of liquid/liquid contactors, namely spray columns,
pulsed sieve-plate columns and mixer-settlers have been

considered in this work.

All available experimental data (484 data points for 12 liquid/
liguid systems from 8 sources) on drop size in spray columns
have been used to develop correlations for single drop and
jetting regions. A general correlation, treating the entire
range of nozzle velocities up to the critical nozzle velocity
is also suggested. These correlations predict the drop

diameter with average errors of less than 10%.

The drag coefficient for multiparticle systems defined by
Barnea and Mizrahi (1975e) was modified and a simple corre-
lation for the prediction of slip velocity in spray columns
is presented. From this the dispersed phase hold-up can be
calculated if the phase flow rates are known. The correlation
applies for 7 < Ree,l < 2450 and hold-up 0.01 < ¢ < 0.75,

and predicts two values of hold-up corresponding to loose

and dense-packed operation in a spray column.

Mixer-settler, dispersion and emulsion regimes of operation
in pulsed sieve-plate columns have been properly defined

and empirical expressions for the hold-up of the dispersed
phase in terms of physical properties, operating conditions
and column geometry in these regimes of operation determined.
The proposed correlations are based on 725 data points on

8 solvent dispersed systems from 5 sources and predict the
hold-up with average errors of 13.5, 12.4 and 13.7% for the

mixer-settler, dispersion and emulsion regions respectively.

It has been shown that no consistent basis in the literature
exists for the design of gravity liquid/liquid settlers.

The problems associated with designing continuous settlers
on the basis of small batch tests are also discussed.

Experiments were therefore performed in a single-stage
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mixer-settler unit to study the continuous settler
characteristics. Two batch tests for every continuous
settler characteristic were also carried out at the same
time. Experimental batch decay profiles were fitted by
using the proposed mathematical models and the parameters
evaluated used to predict the steady state height in the

continuous settler.

Experiments on the coalescence of droplet dispersions were
also performed in a spray column using 2 liquid/liquid
systems. The dispersion band heights were empirically cor-
related in terms of physical properties and throughput of

the dispersed phase.
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pulsation stroke (twice the amplitude)
. _ 3 2
Archimedes number = gAp¢32pc/uc

Archimedes number at (4Apg¢2 PO'15

)/(30) = 70
correction factor defined by equation (2.41b)

drag coefficient for a single sphere
= (40pg0) /(3p_v?)

modified drag coefficient defined by equation (2.39)
modified drag coefficient defined by equation (2.42)
modified drag coefficient defined by equation (4.7)
inertial drag coefficient for a single sphere
empirical constants (i = 1,2,.. , 3 =1,2,..)

discharge coefficient for flow through holes in
sieve plate

impeller diameter

nozzle or orifice diameter

inlet pipe diameter

critical jet diameter

diameter of holes in sieve plate

- (Af)3pc/(A£Ap3/4ol/4 g5/4

)
A 2
nozzle EStvoes number = Apd©g/o
rate of energy dissipation per unit mass
experimental value
force parameter
resistance force to motion
force pressing on the film

nozzle Froude number = v2/(gd)

pulse frequency
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H(exp)

H(pred)

1517

acceleration due to gravity

steady state dispersion band height

experimental steady state dispersion band height
predicted steady state dispersion band height
dispersion height at any time t

height of the coalescing interface in a batch
dispersion at t = 0

experimental batch dispersion height at any time t
predicted batch dispersion height at any time t
batch dispersion height at t = 0

batch dispersion height at t = t_

number of data points

model parameter

reaction rate constant for inactive drops to
produce active drops

reaction rate constant for active drops to coalesce
with the active interface

bed height or column length
length of entrance region
length of fall to the interface
plate spacing

number of drops or number of drops not coalescing
in time t

total number of drops assessed

model parameter

indices (i =1,2,.. , j =1,2,..)

impeller speed

minimum impeller speed for complete dispersion

minimum impeller speed for uniform dispersion



Qn(exp)
Q, (pred)
(Q/R) ¢
(Q4/R) ¢
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model parameter

number of immobile interfaces

physical property group of Hu and Kintner
= (0503)/(gu2Ao)

model parameter

viscosity ratio = ud/uC

predicted value

total throughput = (Qc+Qd)

continuous phase throughput

dispersed phase throughput

experimentally measured value

predicted value

nominal total throughput per unit settler area

nominal dispersed phase throughput per unit
settler area

model parameter

tortuosity factor

settler's or column's cross-sectional area
Reynolds number for a single sphere = pCU¢/uC
modified Reynolds number = pcvs¢32/uc

modified Reynolds number

pcvs¢32/ue
regression coefficient

average rate of coalescence

surface area per unit volume

slope of the batch decay curve at t = 0

slope of the batch decay curve at reference
conditions = (-dh/dt),
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column or tank diameter

temperature
time

standardized batch separation or primary break
time

batch separation time defined by equation (3.20)
time when ¢ = 0

reference time when ¢ = ¢,

terminal velocity of a drop in infinite medium
dispersion volume

superficial velocity of the continuous phase
drop volume

superficial velocity of the dispersed phase
inlet velocity

slip velocity

characteristic velocity

nozzle velocity

critical nozzle velocity

minimum jetting velocity

nozzle Weber number = ApdV2/0

tank Weber number = ch2D3/0

cross-section factor

radius of circle of contact

distance from sedimenting interface

GREEK LETTERS

model parameter

model parameter
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min
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average percentage deviation defined by equation
(4.3)

shape factor

pressure drop

densiti difference between phases

film thickness

film thickness at the barrier ring

film thickness at the apex of the dimple
average hold-up of the dispersed phase

feed dispersion concentration = Qd/(Qc+Qd)

dispersed phase hold-up at a distance z from
sedimenting interface

dispersed phase hold-up at entrance to dispersion

average hold-up of the dispersed phase in a
batch dispersion at t = 0

average hold-up of the dispersed phase at
reference conditions

Boussinesq's "dynamic surface tension"
Kolmogoroff length

fraction of inactive drops in a batch dispersion
at t = 0 or fraction of inactive drops in the
feed entering the continuous settler -

plate free area

function of plate free area defined by equation
(2.46a)

viscosity of the continuous phase
viscosity of the dispersed phase

effective viscosity of the dispersed phase
average viscosity = (uc+ud)/2

dispersion viscosity
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kinematic viscosity of the continuous phase

STV e

= ar(ui/o/ap)t
= 3.1416
density of the continuous phase

density of the dispersed phase

average density = (pc+pd)/2

summation sign

interfacial tension

average single drop/interface coalescence time

average drop/drop coalescence time in a dispersion

average drop/drop coalescence time for drops of
reference diameter ¢, in a dispersion

average drop/interface coalescence time in a
dispersion

average drop/interface coalescence time for a
drop of reference diameter ¢, in a dispersion

initial drainage time

"half-life" single drop/interface coalescence time
drop equivalent sphere diameter

critical drop diameter

maximum stable drop diameter

minimum stable drop diameter

average drop diameter at entrance to dispersion
transition drop diameter defined by equation (2.28c)
reference drop diameter

Sauter mean drop diameter

Sauter mean drop diameter as € tends to zero

average drop diameter
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Harkins-Brown correction factor

volume rate of coalescence per unit area of
disengaging interface

{-d(eh)/dt}o

{-d(en)/at}, = 2Y 8,04/ (31, 4)



(S

163

LITERATURE CITED

Allak, A.M.A. and Jeffreys, G.V., "Studies of Coalescence and
Phase Separation in Thick Dispersion Bands," AIChE J., 20,
564(1974).

Allan, R.S., Charles, G.E. and Mason, S.G., "The Approach of
Gas Bubbles to a Gas/Liquid Interface," J.Colloid Sci., 16,
150(1961) .

Allan, R.S. and Mason, S.G., "Effects of Electric Fields on
Coalescence in Liquid-Liguid Systems," Trans.Faraday Soc.,
57, 2027(1961).

Andersson, K.E.B., "Pressure Drop in Ideal Fluidization,"
Chem.Eng.Sci., 15, 276(1961).

Angelino, H., Alran, C., Boyadzhiev, L. and Mukherjee, S.P.,
"Efficiency of a Pulsed Extraction Column with Rotary
Agitators," Brit.Chem.Eng., 12, 1893(1967).

Arashmid, M. and Jeffreys, G.V., "Analysis of the Phase
Inversion Characteristics of Liquid-Liquid Dispersions,"
AIChE J., 26, 51(1980).

Arnold, D.R., "Liquid-Liquid Extraction in Agitated Contactors
involving Droplet Coalescence and Redispersion,” Ph.D. Thesis,
University of Aston, Birmingham, 1974.

Arthayukti, W., "Contribution a 1l'etude du comportment de
la phase dispersee d'une colonne pulsee et d'une colonne
mixte en extraction liquide-liguide," Thése de Docteur-
Ingénieur, Université Paul Sabatier, Toulouse,1975.

Bailes, P.J. and Larkai, S.K.L., "An Experimental Investigation
into the Use of High Voltage D.C. Fields for Liguid Phase
Separation," TransIChemE, 59, 229(1981).

Bailes , P.J. and Larkai, S.K.L., "Liquid Phase Separation
in Pulsed D.C. Fields," TransIChemE, 60, 115(1982).

Bailes, P.J. and Winward, A., "Progress in Liquid-Liquid
Extraction," Trans.Instn.Chem.Engrs., 50, 240(1972).

Barber, A.D. and Hartland, S., "The Effects of Surface Viscosity
on the Axisymmetric Drainage of Planar Liguid Films,"
Can.J.Chem.Eng., 54, 279(1976).

Barnea, E. and Mizrahi, J., "“Separation Mechanism of Liquid-
Liquid Dispersions in a Deep-Layer Gravity Settler: Part I -
The Structure of the Dispersion Band," Trans.Instn.Chem.Engrs.,
53 , 61(1975a).



164

Barnea, E. and Mizrahi, J., "Separation Mechanism of Liquid-

Liquid Dispersions in a Deep-Layer Gravity Settler: Part II -

Flow Patterns of the Dispersed and Continuous Phases within

the Dispersion Band," Trans.Instn.Chem.Engrs., 53, 70(1975b). -

Barnea, E. and Mizrahi, J., " Separation Mechanism of Liquid-
Liquid Dispersions in a Deep-Layer Gravity Settler: Part III -
Hindered Settling and Drop-to-Drop Coalescence in the
Dispersion Band," Trans.Instn.Chem.Engrs., 53, 75(1975c).

Barnea, E. and Mizrahi, J., " Separation Mechanism of Liquid-
Liquid Dispersions in a Deep-Layer Gravity Settler: Part IV -
Continuous Settler Characteristics," Trans.Instn.Chem.Engrs.,
53, 83(19754).

Barnea, E. and Mizrahi, J., "A Generalized Approach to the
Fluid Dynamics of Particulate Systems: Part II - Sedimentation
and Fluidisation of Clouds of Spherical Drops," Can.J.Chem.
Eng., 53, 461(1975e).

Bell, R.L., "A Theoretical and Experimental Study of Dispersed
Phase Axial Mixing in a Sieve Plate, Pulsed Solvent Extraction
Column," Ph.D. Thesis, University of Washington, Seattle,
1964.

Bell, R.L. and Babb, A.L., "Holdup and Axial Distribution
of Holdup in a Pulsed Sieve-Plate Solvent Extraction Column, "
Ind.Eng.Chem., Process Des.Dev., 8, 392(1969).

Boussinesq, J., "Vitesse de la chute lente, devenue uniforme,

d'une goutte liquide sphérique, dans un fluide visqueux

de poids spécifique moindre," Compt.Rend.Hebd.Séances Acad.

Sci., Paris, 156, 1124(1913). M

Bouyatiotis, B.A. and Thornton, J.D., "Liquid-Liquid Extraction
Studies in Stirred Vessels: Part I - Droplet Size and

Hold-up Measurements in a Seven-Inch Diameter Baffled Tank, "
Instn.Chem.Engrs.Symp.Ser.No. 26, 43(1967).

Brown, A.H., "“The Mechanism of Liquid Coalescence," Brit.Chen.
Eng., 13, 1719(1968).

Brown, A.H. and Hansén, C., "Effect of Oscillating Electric
Fields on Coalescence in Liguid-Liquid Systems," Trans.
Faraday Soc., 61, 1754(1965).

Brown, A.H. and Hanson, C., “"Coalescence in Liquid/Liquid
Systems, " Brit.Chem.Eng., 11, 695(1966).

Brown, A.H. and Hanson, C., " The Effect of Oscillating
Electric Fields on Coalescence of Liquid Drops," Chem.Eng.Sci.,
23, 841(1968).



%

165

Brown, D.E. and Pitt, K., "Drop Break-up in a Stirred Liquid-
Liquid Contactor," Proc.Chemeca'70, Melbourne, Sydney,
83(1970) .

Bilihler, B.S., "Hydrodynamik und Wdrmeaustausch in einem
Fliissig-Flissig-Sprithturm," Ph.D. Thesis, ETH Ziirich, 1977.

Burrill, K.A. and Woods, D.R., "Change in Interface and Film
Shapes for a Deformable Drop at a Deformable Liquid-Liquid
Interface: Part I - Film Hydrodynamic Pressure Distribution
and Interface Shapes," J.Colloid Interface Sci., 30,
511(1969).

Burrill, K.A. and Woods, D.R., "Film Shapes for Deformable
Drops at Liquid-Liquid Interfaces: Part II - The Mechanisms
of Film Drainage,” J.Colloid Interface Sci., 42, 15(1973a).

Burrill, K.A. and Woods, D.R., "Film Shapes for Deformable
Drops at Liquid-Liquid Interfaces: Part III - Drop Rest
Times," J.Colloid Interface Sci., 42, 35(1973Db).

Calderbank, P.H., "Physical Rate Processes in Industrial
Fermentation: Part I - The Interfacial Area in Gas-Liquid
Contacting with Mechanical Agitation,'" Trans.Instn.Chem.
Engrs., 36, 443(1958).

Chappelear, D.C., "Models of a Liquid Drop Approaching an
Interface,” J.Colloid Sci., 16, 186(1961).

Charles, G.E. and Mason, S.G., "The Mechanism of Partial
Coalescence of Liquid Drops at Liquid/Liquid Interfaces,"
J.Colloid Sci., 15, 105(1960a).

Charles, G.E. and Mason, S.G., "The Coalescence of Liquid
Drops with Flat Liquid/Liquid Interfaces," J.Colloid Sci.,
15, 236(1960b).

Chen, H.T. and Middleman, S., "Drop Size Distribution in
Agitated Liquid-Liquid Systems," AIChE J., 13, 989(1967).

Christiansen, R.M. and Hixson, A.N., "Breakup of a Liguid

Jet in a Denser Liquid," Ind.Eng.Chem., 49, 1017(1957).

Clarke, L. and Davidson, R.L., Manual for Process Engineering
Calculations, 2nd ed., McGraw-Hill Book Co., Inc., New York,
1962.

Cockbain, E.G. and McRoberts, T.S., "The Stability of Elementry

Emulsion Drops and Emulsions," J.Colloid Sci., 8, 440(1953).



166

Coulaloglou, C.A. and Tavlarides, L.L., "Drop Size Distributions
and Coalescence Frequencies of Liquid-Liquid Dispersions in
Flow Vessels," AIChE J., 22, 289(1976).

Coulaloglou, C.A. and Tavlarides, L.L., "Description of
Interaction Processes in Agitated Liquid-Liquid Dlsper51ons,
Chem.Eng.Sci., 32, 1289(1977).

Davies, G.A. and Jeffreys, G.V., "Coalescence of Droplets in
Packings - Factors Affecting the Separation of Droplet
Dispersions, " Filtr.Sepn., 6, 349(1969).

Davies, G.A. and Jeffreys, G.V., "Surface Phenomena, Coalescence
and Design of Settlers," Symposium on Solvent Extraction at
Bradford University, April, 1970.

Davies, G.A., Jeffreys, G.V. and Azfal, M., "New Packing for
Coalescence and Separation of Dispersions," Process Tech.,
17, 709(1972).

Davies, G.A., Jeffreys, G.V. and Smith, D.V., "Coalescence of
Liquid Droplets - Correlation of Coalescence Times," Proc.
Int.Sol.Extr.Conf., 1971, Society of Chemical Industry, London,
Vol. 1, 385(1971).

Davies, G.A., Jeffreys, G.V. and Ali, F., "Design and Scale-up
of Gravity Settlers," Chem.Engr., No. 243, 378(1970a).

Davies, G.A., Jeffreys, G.V., Smith, D.V. and Ali, F.A.,
"The Formation of Secondary Drops in a Dlsper51on at a Phase
Boundary," Can.J.Chem.Eng., 48, 328(1970b).

de Chazal, L.E.M. and Ryan, J.T., "Formation of Organic Drops
in Water," AIChE J., 17, 1226(1971).

Delichatsios, M.A. and Probstein, R.F., "The Effect of
Coalescence on the Average Drop Size in Liguid-Liquid
Dispersions," Ind.Eng.Chem., Fundam., 15, 134(1976).

Derjaguin, B. and Kussakov, M., "Anomalous Properties of Thin
Polymolecular Films," Acta Physicochim.URSS, 10, 25(1939).

Doulah, M.S., "An Effect of Hold-up on Drop Sizes in Liquid-
Liquid Dispersions," Ind.Eng.Chem., Fundam., 14, 137(1975).

Doulah, M.S. and Davies, G.A., "A Queue Model to Describe
Separation of Liquid Dispersions in Vertical Settlers," Proc.
Int.Sol.Extr.Conf., 1974, Society of Chemical Industry, London,
Vol. 1, 533(1974).

Drown, D.C. and Thomson, W.J., "Fluid Mechanic Considerations



N

167

in Liquid-Liquid Settlers," Ind.Eng.Chem., Process Des.Dev.,
16, 197(1977).

Edge, R.M. and Greaves, M., "Coalescence in the System Decanoic
acid-Heptane-Water," Instn.Chem.Engrs.Symp.Ser.No. 26,
63(1967).

El-Roy, M. and Gonen, D., "Development of a Mixer-Settler
Model for the IMI Phosphoric-acid Process," Israel J.Technol.,
2, 253(1964).

Elton, G.A.H. and Picknett, R.G., "The Coalescence of Aqueous
Droplets with an Oil/Water Interface," Proc. 2nd Int.Congress
of Surface Activity, Butterworths Scientific Publications,
Vol. 1, 288(1957).

Elzinga, E.R. and Banchero, J.T., "Some Observations on the
Mechanics of Drops in Liquid-Liquid Systems,' AIChE J.,
7, 394(1961).

Epstein, A.D. and Wilke, C.R., "Mechanism of Liguid-Liquid
Settling,” Report No. UCRL - 10625, University of California
Radiation Laboratory, 1963.

Ergun, S., "Fluid Flow Through Packed Columns," Chem.Eng.
Prog., 48, 89(1952).

Fernandes, J.B. and Sharma, M.M., "Effective Interfacial Area
in Agitated Liquid-Liquid Contactors," Chem.Eng.Sci., 22,
1267(1967) .

Ferrarini, R., "Die Berechnung der Strdmung und des Wirme-
austauschs in Flissig~-Fliissig Spriihkolonnen," VDI - Forschungs-
heft 551, VDI Verlag, Diisseldorf, 1972.

Frankel, S.P. and Mysels, K.J., "On the 'Dimpling' during the
Approach of Two Interfaces," J.Phys.Chem., 66, 190(1962).

Fujinawa, K., Maruyama, T. and Nakaike, Y., "Drop Formation
in Liquid-Liquid Systems," Kagaku Kikai, 21, 194(1957).

Garner, F.H. and Skelland, A.H.P., "Some Factors Affecting
Droplet Behaviour in Liquid-Liquid Systems," Chem.Eng.Sci.,
4, 149(1955).

Garwin, L. and Smith, B.D., "Liquid-Liquid Spray-Tower:
Operation in Heat Transfer," Chem.Eng.Prog., 49, 591(1953).

Gel'perin, N.I., Pebalk, V.L. and Mishev, V.M., "Separation
of Emulsions in Settling Chambers of Box-Type Extractors,"
J.Appl.Chem.USSR, 45, 58(1972).



168

Gillespie, T. and Rideal, E.K., "Coalescence of Drops at an
Oil-Water Interface," Trans.Faraday Soc., 52, 173(1956).

Glasser, D., Arnold, D.R., Bryson, A.W., and Vieler, A.M.S.,
"Aspects of Mixer-Settler Design," Minerals Sci.Eng., 8,
23(1976) .

Gnanasundaram,S., Degaleesan,T.E. and Laddha, G.S., "Prediction
of Mean Drop Size in Batch Agitated Vessels," Can.J.Chem.Eng.,
57, 141(1979).

Graham, R.J., "Separation of Immiscible Liquids by Gravity
Settling and Induced Coalescence," Report No. UCRL - 10048,
University of California Radiation Laboratory, 1962.

Godfrey, J.C., Chang-Kakoti, D.K., Slater, M.J. and
Tharmalingam, S., "The Interpretation of Batch Separation
Tests for Liquid-Liquid Mixer-Settler Design," Proc.Int.Sol.
Extr.Conf., 1977, The Canadian Institute of Mining and
Metallurgy, Vol. 1, 406(1979).

Golob, J. and Modic, R., "Coalescence of Liquid-Liquid
Dispersions in Gravity Settlers," TransIChemE, 55, 207(1977).

Gondo, S., Hisatomi, K., Kusunoki, K. and Nakamori, I.,
"Experimental Studies on the Height of Dispersion Band in
Settler for the System Water-Kerosene," Kagaku Kogaku, 32,
923(1968).

Gondo, S. and Kusunoki, K., "A New Look at Gravity Settlers,"
Hydro.Proc., 48(9), 209(1969).

Hadamard, J., "Mouvement permanent lent d‘'une sphére liquide
et visqueuse dans un liquide visqueux," Compt.Rend.Hebd.
Séances Acad.Sci., Paris, 152, 1735(1911).

Hanson, C., "Solvent Extraction: The Current Position," in
Recent Advances in Liquid-Liquid Extraction, C. Hanson, Ed.,
Pergamon Press, Oxford, 1971.

Hanson, C. and Brown, A.H., "Secondary Droplet Formation during
Drop Coalescence, "Instn.Chem.Engrs.Symp.Ser.No. 26, 57(1967).

Hanson, C. and Sharif, M., "Hydrodynamic Studies on Two
Multistage Mixer-Settlers," Can.J.Chem.Eng., 48, 132(1970).

Harkins, W.D. and Brown, F.E., "The Determination of Surface
Tension (Free Surface Energy), and the Weight of Falling Drops:
The Surface Tension of Water and Benzene by Capillary Height
Method," J.Am.Chem.Soc., 41, 499(1919).

o



169

Harmathy, T.Z., "Velocity of Large Drops and Bubbles in Media
of Infinite and Restricted Extent," AIChE J., 6, 281(1960).

Hart, W.B., "Four Factors are Major Controls in Design of
Economical Oil-Water Separator," Petrol.Processing, 2,
282(1947a).

Hart, W.B., "Designing Primary Section and Accessories of an
Effective Oil-Water Separator," Petrol.Processing, 2,
471 (1947b).

Hartland, S., "The Approach of a Liquid Drop to a Flat Plate,"
Chem.Eng.Sci.,22, 1675(1967a).

Hartland, S., "The Coalescence of a Liquid Drop at a Liquid-
Liquid Interface: Part I - Drop Shape," Trans.Instn.Chem.Engrs.,
45, 97(1967b).

Hartland, S., "The Coalescence of a Liquid Drop at a Liquid-
Liguid Interface: Part II - Film Thickness," Trans.Instn.Chem.
Engrs., 45, 102(1967c). ;

Hartland, S., "The Coalescence of a Liquid Drop at a Liquid-
Liguid Interface: Part III - Film Rupture," Trans.Instn.Chem.
Engrs., 45, 109(1967d).

Hartland, S., "The Coalescence of a Liquid Drop at a Liquid-
Liguid Interface: Part IV - Non-Viscous and Non-Newtonian
Liqguids, " Instn.Chem.Engrs.Symp.Ser. No. 26, 88(1967¢).

Hartland, S., "The Coalescence of a Liquid Drop at a Liquid-
Liquid Interface: Part V - The Effect of Surface Active Agent,"
Trans.Instn.Chem.Engrs., 46, 275(1968).

Hartland, S., "The Shape of a Fluid Drop Approaching an
Interface," Can.J.Chem.Eng., 47, 221(1969a).

Hartland, S., "The profile of the Draining Film Between a
Rigid Sphere and a Deformable Fluid-Liquid Interface," Chem.
Eng.Sci., 24, 987(1969b).

Hartland, S., Technisch-Chemisches Laboratorium, ETH Ziirich,
Internal Communication, April, 1982.

Hartland, S. and Barber, A.D., "A Model for a Cellular Foam,"
Trans.Instn.Chem.Engrs.,52. 43(1974).

Hartland, S. and Hartley, R.W., Axisymmetric Fluid-Liquid
Interfaces, Elsevier Scientific Publishing Co., Amsterdam,
1976.




170

“

Hartland, S., Ramakrishnan, S. and Hartley, R.W., "The
Oscillations of Drops and Spheres at Fluid-Liquid Interfaces,"
Chem.Eng.Sci., 30, 1141(1975). *

Hartland, S. and Robinson, J.D., "Unsymmetrical Drainage
Beneath a Rigid Sphere Approaching a Deformable Liquid-
Liquid Interface," Chem.Eng.Sci., 25, 277(1970).

Hartland, S. and Robinson, J.D., "A Model for an Axisymmetric
Dimpled Praining Film," J.Colloid Interface Sci., 60,
72(1977) .

Hartland, S. and Vohra, D.K., "Koaleszenz in vertikalen dicht-

gepackten Dispersionen, " Chem.~Ing.-Tech., 50, 673(1978).

Hartland, S., Vohra, D.K. and Kumar, A., "Models for Coalescence
in Close-Packed Dispersions," 7th Grundlagen Seminar on
Extraction, Graz, Oct., 1978.

Hartland, S. and Wood, S.M., "The Effect of Applied Force on
Drainage of the Film Between a Liquid Drop and Horizonzal
Surface," AIChE J., 19, 810(1973a).

Hartland, S. and Wood, S.M., "Effect of Applied Force on the
Approach of a Drop to a Fluid-Liquid Interface," AIChE J.,
19, 871(1973b).

Hayworth, C.B. and Treybal, R.E., "Drop Formation in Two-
Liguid-Phase Systems," Ind.Eng.Chem., 42, 1174(1950).

Hazlebeck, D.E. and Geankoplis, J., "Axial Dispersion in a
Spray-type Extraction Tower, " Ind.Eng.Chem., Fundam., 2,
310(1963).

Henton, J.E., "Backmixing in Liquid-Liquid Extraction Spray
Columns, " Ph.D. Thesis, The University of Columbia, Vancouver,
1967.

Hixson, A.W. and Tenney, A.H., "Quantitative Evaluation of
Mixing as the Result of Agitation in Liguid-Solid Systems,"
Trans.Am.Inst.Chem.Engrs., 31, 113(1935).

Hodgson, T.D. and Lee, J.C., "The Effect of Surfactants on the
Coalescence of a Drop at an Interface - Part 1," J.Colloid
Interface Sci., 30, 94(1969).

Hodgson, T.D. and Woods, D.R., "The Effect of Surfactants on
the Coalescence of a Drop at an Interface - Part II,"
J.Colloid Interface Sci., 30, 429(1969).



1m

Horvath, M., "Hydrodynamik und Stoffaustausch in einer Flissig-
Fliissig Sprihkolonne," Ph.D. Thesis, ETH Ziirich, 1976.

Horvath, M., Steiner, L. and Hartland, S., "Prediction of Drop
Diameter, Hold-up and Backmixing Coefficients in Liquid-Liquid
Spray Columns," Can.J.Chem.Eng., 56, 9(1978).

Hu, S. and Kintner, R.C., "The Fall of Single Liquid Drops
through Water," AIChE J., 1, 42(1955).

Hughmark, G.A., "Liquid-Liquid Spray Column Drop Size, Hold-up,
and Continuous Phase Mass Transfer," Ind.Eng.Chem., Fundam.,
6, 408(1967).

Ishii, M. and Zuber, N., "Drag Coefficient and Relative Velocity
in Bubbly, Droplet and Particulate Flows," AIChE J., 25,
843(1979).

Izard, J.A., "Prediction of Drop Volumes in Liquid-Liquid
Systems," AIChE J., 18, 634(1972).

Jackson, I.D., Scuffham, J.B., Warwick, G.C.I. and Davies,
G.A., "An Improved Settler Design in Hydrometallurgical Solvent
Extraction Systems," Proc.Sol.Extr.Conf., 1974, Society of
Chemical Industry, London, Vol. 1, 567(1974).

Jeffreys, G.V. and Davies, G.A., "Coalescence of Liquid
Droplets and Liquid Dispersion," in Recent Advances in Ligquid-
Liquid Extraction, C. Hanson, Ed., Pergamon Press, Oxford,
1971.

Jeffreys, G.V., Davies, G.A. and Pitt, K., "Part I - Rate of
Coalescence of the Dispersed Phase in a Laboratory Mixer
Settler Unit,"AIChE J., 16, 823(1970a).

Jeffreys, G.V., Davies, G.A. and Pitt, K., "Part II - The
Analysis of Coalescence in a Continuous Mixer Settler by a
Differential Model," AIChE J., 16, 827(1970b).

Jeffreys, G.V. and Hawksley, J.L., "Stepwise Coalescence of
a Single Droplet at an Oil-Water Interface," J.Appl.Chem.,
12, 329(1962).

Jeffreys, G.V. and Hawksley, J.L., "Coalescence of Liquid
Droplets in Two-Component-Two Phase Systems: Part I - Effect
of Physical Properties on the Rate of Coalescence," AIChE J.,
11, 413(1965a).

Jeffreys, G.V. and Hawksley, J.L., "Coalescence of Liquid
Droplets in Two-Component-Two Phase Systems: Part II -
Theoretical Analysis of Coalescence Rate," AIChE J., 11,
418(1965b) .



172

Jeffreys, G.V. and Lawson, G.B., "Effect of Mass Transfer on
the Rate of Coalescence of Single Drops at a Plane Interface,”
Trans.Instn.Chem.Engrs., 43, 294(1965).

Jeffreys, G.V., Smith, D.V. and Pitt, K., "The Analysis of
Coalescence in a Laboratory Mixer-Settler Extractor," Instn.
Chem.Engrs.Symp.Ser.No. 26, 93(1967).

Johnson, A.I. and Braida, L., "The Velocity of Fall of
Circulating and Oscillating Liquid Drops through Quiescent
Liquid Phases," Can.J.Chem.Eng., 35, 165(1957).

Kafarov, V.V. and Babanov, B.M., "Phase-Contact Area of
Immiscible Liquids during Agitation by Mechanical Stirrers,"
J.Appl.Chem.USSR, 32, 810(1959).

Kagan, 5.Z., Kovalev, N. and Zakharychev, A.P., "Drop Size
with Drop-Type Flow Conditions out of Nozzles in Liquid-
Liguid Systems," Theoretical Foundations Chem.Eng., 7,

514 (1973).

Keith, F.W. and Hixson, A.N., "Ligquid-Liquid Extraction Spray
Columns: Drop Formation and Interfacial Transfer Area," Ind.
Eng.Chem., 47, 258(1955).

Khemangkorn, V., Muratet, G. and Angelino, H., "Study of

Dispersion in a Pulsed Perforated-Plate Column," Proc.Int.
Sol.Extr.Conf., 1977, The Canadian Institute of Mining and

Metallurgy, Vol. 1, 429(1979). ) ¥

Klee, A.J. and Treybal. R.E., "Rate of Rise or Fall of Liquid
Drops," AIChE J., 2, 444(1956).

Kolmogoroff, A.N., "The Local Structure of Turbulence in
Incompressible Viscous Fluid for Very Large Reynolds' Numbers,"
Compt.Rend.Acad.Sci.URRS, 30, 301(1941la).

Kolmogoroff, A.N., "Dissipation of Energy in the Locally
Isotropic Turbulence," Compt.Rend.Acad.Sci.URRS, 32,
19(1941b).

Komasava, I. and Otake, T., "Stabilities of a Single Drop at
a Liquid-Liquid Interface and of Multi-Drops in a Drop-Layer,"
J.Chem.Eng.Japan, 3, 243(1970).

Kbnnecke, H.-G., "Ueber die Koexistenzzeit von Fliissigkeits-
tropfen an Phasengrenzfldchen,” Z.Phys.Chemie, 211, 208(1959).

Krishna, P.M., Venkateswarlu, D. and Narasimhamurthy, G.S.R.,
"Fall of Liquid Drops in Water," J.Chem.Eng.Data, 4, 336(1959).

o

Kumar, A. and Hartland, S., "Prediction of Drop Size Produced
by a Multiorifice Distributor," TransIChemE, 60, 35(1982).



173

Kumar, A., Vohra, D.K. and Hartland, S., "Sedimentation of
Droplet Dispersions in Counter-Current Spray Columns,' Can.
J.Chem.-Eng., 58, 154(1980).

Lackme, C., "Two Regimes of a Spray Column in Counter-Current
Flow," AIChE Symp.Ser., 70(138), 57(1974).

Lang, S.B. and Wilke, C.R., "A Hydrodynamic Mechanism for the
Coalescence of Liquid Drops: Part I - Theory of Coalescence
at a Planar Interface," Ind.Eng.Chem., Fundam., 10, 329(1971a).

Lang, S.B. and Wilke, C.R., "A Hydrodynamic Mechanism for the
Coalescence of Liquid Drops: Part Il - Experimental Studies,"
Ind.Eng.Chem., Fundam., 10, 341(1971b).

Lapidus, L. and Elgin, J.C., "Mechanics of Vertical-moving
Fluidized Systems,"AIChE J., 3, 63(1957).

Lawson, G.B., "Coalescence Processes," Chem.Process Eng.,
A48(5), 45, 60(1967).

Letan, R. and Kehat, E., "The Mechanics of a Spray Column,"
AIChE J., 13, 443(1967).

Letan, R. and Kehat, E., "The Mechnism of Heat Transfer in
a Spray Column Heat Exchanger," AIChE J., 14, 398(1968).

Levich, V.G., Physicochemical Hydrodynamics, Prentice-Hall
Inc., Englewood Cliffs, New Jersy, 1962.

Leviton, A. and Leighton, A., "Viscosity Relationships in
Emulsions Containing Milk Fat ," J.Phys.Chem., 40, 71(1936).

Licht, W. and Narasimhamurthy, G.S.R., "Rate of Fall of Single
Liquid Droplets,” AIChE J., 1, 366(1955).

Logsdial, D.H. and Lowes, L., "Industrial Contacting Equipment, "
in Recent Advances in Liquid-Liquid Extraction, C. Hanson, Ed.,
Pergamon Press, Oxford, 1971.

Lott, J.B., Warwick, G.C.I. and Scuffham, J.B., "Design of
Large Scale Mixer-Settlers," Trans.Soc.Min.Engrs., AIME, 252,
27(1972).

Loutaty, R. and Vignes, A., "Hydrodynamiqgue d'une colonne a
pulvérsation liquide-liquide & contre-courant en lit lache et
en lit dense," Génie Chimique, 101, 231(1969).

Loutaty, R., Vignes, A. and Goff, P.Le., "Transfert de chaleur
et dispersion axiale dans une colonne a pulvérisation liquide-
liquide en 1lit lache et en lit dense," Chem.Eng.Sci., 24,
1795(1969) .



174

a

Lowes, L.and Larkin, M.J., "Some Design Principles for Large
Mixer-Settlers," Instn.Chem.Engrs.Symp.Ser.No. 26, 111(1967).

Luhning, R.W. and Sawistowski, H., "Phase Inversion in Stirred
Liquid-Liquid Systems," Proc.Int.Sol.Extr.Conf., 1971, Society
of Chemical Industry, London, Vol. 2, 873(1971).

Mackay, G.D.M. and Mason, S.G., "The Gravity Approach and
Coalescence of Fluid Drops at Liquid Interfaces," Can.J.Chem.
Eng., 41, 203(1963).

Madden, A.J. and Damerell, G.L., "Coalescence Frequencies in
Agitated Liquid-Liquid Systems," AIChE J., 8, 233(1962).

Mahajan, L.D., "Ueber die Lebensdauer von flissigen Tropfen
auf der Oberfldche der gleichen Fliissigkeit, Kolloid-Z., 69,
16(1934).

Maksimenko, M.Z., Galeev,A.F. and Gur'yanov, A.I., "Hydro-
dynamics and Mass Transfer in an Extractor with Vibrating
Plates,” Khim.i Tekhnol.i Masel, 11(4), 16(1966).

Manchanda, D.K. and Woods, D.R., "Significant Design Variables
in Continuous Gravity Decantation, " Ind.Eng.Chem., Process
Des.Dev., 7, 182(1968).

Maraschino, M.J. and Treybal, R.E., "The Coalescence of Drops
in Liquid-Liquid Fluidized Beds," AIChE J., 17, 1174(1971). ®

McClarey, M.J. and Mansoori, G.A., "Factors Affecting the Phase
Inversion of Dispersed Immiscible Ligquid-Liqguid Mixtures,"
AIChE Symp.Ser., 74(173), 134(1978).

Meister, B.J., "The Formation and Stability of Jets in
Immiscible Liquid Systems," Ph.D. Thesis, Cornell University,
Ithaca, N.Y., 1966.

Mersmann, A., "Auslegung und Masstabsvergrdsserung von Blasen-
und Tropfensdulen,"” Chem.-Ing.-Tech., 49, 679(1977).

Mertes, T.S. and Rhodes, H.B., "Liquid-Particle Behaviour, "
Chem.Eng.Prog., 51, 429, 517(1955).

Miller, H.D. and Pilhofer, T., "Partikelbildung an Lochbdden
in Fliissig/Fliissig Systemen, " Chem.-Ing.-Tech., 48, 1069(1976).

Miller, S.A. and Mann, C.A., "Agitation of Two-Phase Systems
of Immiscble Liquids," American Institute of Chemical Engineers
Meeting, St. Louis, Mo., 1944.

Mishra, J.C. and Dutt, D.K., "Engineering Study of Hold-up in
a Perforated Plate Pulse Column for the Counter—Current Flow
of Two Immiscble Liquids," Chem.Age India, 20, 845(1969).



123

175

Miyauchi, T. and Oya, H., "Longitudinal Dispersion in Pulsed
Perforated-Plate Columns," AIChE J., 11, 395(1965).

Mizrahi, J. and Barnea, E., "The Effects of Solid Additives
on the Formation and Separation of Emulsions," Brit.Chem.Eng.,
15, 497(1970).

Mizrahi, J. and Barnea, E., "Compact Settler Gives Efficient
Separation of Liquid/Liquid Dispersions," Process Eng. (London),
No. 1, 60(1973).

Mizrahi, J., Barnea, E. and Meyer, D., "The Development of
Efficient Industrial Mixer-Settlers," Proc.Int.Sol.Extr.Conf.,
1974, Society of Chemical Industry, London, Vol. 1, 141(1974).

Mlynek, Y. and Resnick, W., "Drop Sizes in an Agitated Liquid-
Liquid System," AIChE J., 18, 122(1972).

Moser, A., Edlinger, V. and Moser, F., "Sauerstofftransport
und Austauschflédchen in Oel-Wasser Dispersionen," Verfahrens-
technik, 9, 553(1975).

Mumford, C.J. and Thomas, R.J., "Using Coalescer Aids to
Improve the Design of Liquid/Liquid Settlers," Process Eng.
(London), No. 12, 54(1972).

Nagata, S., Yoshioka,N., Yokoyama, T. and Teramoto, D.,
"Agitation of Two Immscible Liquids," Trans.Soc.Chem.Engrs.
(Japan), 8, 43(1950).

Naylor, A. and Larkin, M.J., "Some Experiences in the Develop-
ment, Design and Scale-up of Solvent Extraction Processes for
the Recovery of Irradiated Nuclear Fuels," Proc.Int.Sol.Extr.
Conf., 1971, Society of Chemical Industry, London, Vol. 2,
1356(1971).

Niebuhr, D., Institut fiir Thermische Verfahrenstechnik,
Technische Universitdt Clausthal, Private Communication,
March, 1982a.

Niebuhr, D., Institut fir Thermische Verfahrenstechnik,
Technische Universitdt Clausthal, Private Communication,
Sept., 1982b.

Niebuhr, D. and Vogelpohl, A., "Vermischung in fliissigkeits-
pulsierten Siebbodenextraktionskolonnen," Chem.-Ing.-Tech.,
52, 81(1980).

Nielsen, L.E., Walls, R. and Adams, G., "Coalescence of Liquid
Drops at Oil-Water Interfaces,” J.Colloid Sci., 13, 441(1958).



176

Norwood, K.W. and Metzner, A.B., "Flow Patterns and Mixing
Rates in Agitated Vessels,™" AIChE J., 6, 432(1960).

Null, H.R. and Johnson, H.F., "Drop Formation in Liquid-
Liquid Systems from Single Nozzles," AIChE J., 4, 258(1958).

Oldshue, J.Y., Hodkinson, F. and Pharamond, J.C., "Mixing
Effects in a Multistage Mixer Column," Proc.Int.Sol.Extr.
Conf., 1974, Society of Chemical Industry, London, Vol. 2,
1651(1974).

Oliver, E.D., Diffusional Separation Processes, Theory, Design,
and Evaluation, John Wiley & Sons, Inc., New York, 1966.

Pavlushenko, I.S. and Ianishevskii, A.V., "Rotational Speeds
of Stirrers in the Stirring of Two Mutually Insoluble Liquids,"
J.Appl.Chem.USSR, 31, 1334(1958).

Pavlushenko, I.S. and Yanishevskii, A.V., "Magnitude of the
Interface Area in Mechanical Agitation of Mutually Insoluble
Liquids," J.Appl.Chem.USSR, 32, 1529(1959).

Perrut, M. and Loutaty, R., "Drop Size in a Liquid-Liquid
Dispersion: Formation in Jet Break-up," Chem.Eng.J., 3,
286(1972).

Perry, J.H., Ed., Chemical Engineers' Handbook, 4th ed.,
McGraw-Hill Book Co., Inc., New York, 1963. b

Pilhofer, T., "Hydrodynamik von Tropfenschwidrmen in Fliissig/
flissig Spriihkolonnen," Chem.-Ing.-Tech., 46, 783(1974).

Pilhofer, T., Institut fiir Verfahrenstechnik, TU Miinchen,
Private Communication, April, 1979.

Princen, H.M., "Shape of a Fluid Drop at a Liquid-Liquid
Interface," J.Colloid Sci., 18, 178(1963).

Princen, H.M. and Mason S5.G., "Shape of a Fluid Drop at a
Fluid-Liquid Interface: Part I - Extension and Test of Two-
Phase Theory," J.Colloid Sci., 29, 156(1965).

Quinn, J.A. and Sigloh, D.B., "Phase Inversion in the Mixing
of Immiscible Liquids," Can.J.Chem.Eng., 41, 15(1963).

Ranz, W.E., "Some Experiments on Orifice Sprays," Can.J.Chem.
Bng., 36, 175(1958).

Rao, E.V.L.N., Kumar, R. and Kuloor, N.R., "Drop Formation
Studies in Liquid-Liquid Systems," Chem.Eng.Sci., 21, =
867(1966).

¥



At

1717

Reed, X.B., Riolo, E. and Hartland, S., "The Effect of Hydro-
dynamic Coupling on the Axisymmetric Drainage of Thin Films,"
Int.J.Multiphase Flow, 1, 411(1974a).

Reed, X.B., Riolo, E. and Hartland, S., "The Effect of Hydro-
dynamic Coupling on the Thinning of a Film Between a Drop and
its Homophase," Int.J.Multiphase Flow," 1, 437(1974Db).

Reynolds, O., "On the Theory of Lubrication," Phil.Trans.Roy.
Soc.London, Ser.A, 177, 157(1886).

Riolo, E., Reed, X.B. and Hartland, S., "Der Effekt hydro-
dynamischer Wechselwirkung auf die Annidherung einer Kugel

an eine fluid-fliissige Grenzflidche filir willkiirliche
Viskositdtsverhdltnisse," Colloid Polymer Sci., 253, 760(1975).

Roberts, J., Lyne-Smith, K., Collier, D.E. and McGee, J.,
"Improving the Performance of Gravity Settlers with Vertical
Baffles and Picket Fences,"” Proc.Int.Sol.Extr.Conf., 1977,
The Canadian Institute of Mining and Metallurgy, Vol. 1,
418(1979).

Robinson, J.D. and Hartland, S., "Effect of Adjacent Drops on
the Shape of a Drop Approaching a Deformable Liquid-Liquid
Interface," Proc.Int.Sol.Extr.Conf., 1971, Society of Chemical
Industry, London, Vol. 1, 418(1971).

Rodger, W.A., Trice, V.G. and Rushton, J.H., "Effect of Fluid
Motion on the Interfacial Area of Dispersions,'" Chem.Eng.Prog.,
52, 515(1956).

Rodriguez, F., Grotz, L.C. and Engle, D.L., "Interfacial Area
in Liquid-Ligquid Mixing," AIChE J., 7, 663(1961).

Ross, S.L., Verhoff, F.H. and Curl, R.L., "Droplet Breakage
and Coalescence Processes in an Agitated Dispersion: Part II -
Measurement and Interpretation of Mixing Experiments," Ind.
Eng.Chem., Fundam., 17, 101(1978).

Rouyer, H., Lebouhellec, J., Henry, E. and Michel, P.,
"Present Study and Development of Extraction Pulsed Columns,"
Proc.Int.Sol.Extr.Conf., 1974, Society of Chemical Industry,
London, Vol. 3, 2239(1974).

Rowden, G.A., Scuffham, J.B. and Warwick, G.C.I., "The Effects
of Changes in Operating Organic/Aqueous Ratio on the Operation
of a Mixer Settler,"” Proc.Int.Sol.Extr.Conf., 1974, Society

of Chemical Industry, London, Vol. 1, 81(1974).

Rowden, G.A., Scuffham, J.B., Warwick, G.C.I. and Davies, G.A.,
"Considerations of Ambivalence Range and Phase Inversion in



178

Hydrometallurgical Solvent Extraction Processes," Instn.Chem.
Engrs.Symp.Ser.No. 42, 17.1(1975).

Ruff, K., "Tropfengrdsse beim Strahlzerfall in niederigviskosen
Fliissig/Fliissig-Systemen," Chem.-Ing.-Tech., 50, 441(1978).

Ruff, K., Pilhofer. T. and Mersmann, A., "Vollstdndige Durch-
stromung von Lochbdden bei der Fluid-Dispergierung," Chem.-
Ing.-Tech., 48, 759(1976).

Rumscheidt, F.D. and Mason, S.G., "Particle Motions in Sheared
Suspensions: Part XI - Internal Circulation in Fluid Droplets
(Experimental),” J.Colloid Sci., 16, 210(1961a).

Rumscheidt, F.D. and Mason, S,G., "Particle Motions in Sheared
Suspensions: Part XII - Deformation and Burst of Fluid Drops
in Shear and Hyperbolic Flow," J.Colloid Sci., 16, 238(1961b).

Rybczynski, W., "Ueber die fortschreitende Bewegung einer
flissigen Kugel in einem z&hen Medium," Bull.Int.Acad.Sci.,
Cracovie, Ser.A, 40(1911).

Ryon, A.D., Daley, F.L. and Lowrie, R.S., "Scale-up of Mixer-
Settlers, " Chem.Eng.Prog., 55(10), 70(1959).

Ryon, A.D., Daley, F.L. and Lowrie, R.S., "Design and Scaleup
of Mixer-Settlers for the Dapex Solvent Extraction Process,"
Report No.ORNL - 2951, Oak Ridge National Laboratory, Tennessee,
1960.

Ryon, A.D. and Lowrie, R.S., "Experimental Basis for the Design
of Mixer-Settlers for the Amex Solvent Extraction Process,"
Report No. ORNL - 3381, Oak Ridge National Laboratory,
Tennessee, 1963.

Sachs, J.P. and Rushton, J.H., "Discharge Flow from Turbine-
type Mixing Impellers," Chem.Eng.Prog., 50, 597(1954).

Sareen, S.S., Rose, P.M., Gudesen, R.C. and Kintner, R.C.,
"Coalescence in Fibrous Beds," AIChE J., 12, 1045(1966).

Sato, T., Sugihara, K. and Taniyama, I., "The Performance
Characteristics of Pulsed Perforated Plate Columns," Kagaku
Kogaku, 27, 583(1963).

Scheele,G.F. and Meister, B.J., "Drop Formation at Low
Velocities in Liquid-Liquid Systems: Part I - Prediction of
Drop Volume," AIChE J., 14,9(1968a).

<4

n



179

Scheele,G.F. and Meister, B.J., "Drop Formation at Low
Velocities in Liquid-Liquid Systems: Part II - Prediction
of Jetting Velocity," AIChE J., 14, 15(1968b).

Sege, G. and Woodfield, F.W., "pulse Column Variables,"
Chem.Eng.Prog., 50, 396(1954).

Sehmel, G.A., "Longitudinal Mixing and Holdup Studies in a
Pulsed Sieve-Plate Solvent Extraction Column," Ph.D. Thesis,
University of Washington, Seattle, 1961.

Sehmel, G.A. and Babb, A.L., "Holdup Studies in a Pulsed
Sieve-Plate Solvent Extraction Column," Ind.Eng.Chem., Process
Des.Dev., 2, 38(1963).

Selker, A.H. and Sleicher, C.A., "Factors Affecting which Phase
will Disperse when Immiscible Liquids are Stirred Together, "
Can.J.Chem.Eng., 43, 298(1965).

Shiffler, D.A., "Investigation of Liquid-Liquid Jets and
Droplets Formed Therefrom," Ph.D. Thesis, Cornell University,
Ithaca, N.Y., 1965.

Shinnar, R., "On the Behaviour of Liquid Dispersions in Mixing
Vessels," J.Fluid Mechanics, 10, 259(1961).

Shinnar, R. and Church, J.M., "Statistical Theories of
Turbulence in Predicting Particle Size in Agitated Dispersions,’
Ind.Eng.Chem., 52, 253(1960).

Skelland, A.H.P. and Johnson, K.R., "Jet Break-up in Liquid-
Ligquid Systems," Can.J.Chem.Eng., 52, 732(1974).

Skelland, A.H.P. and Lee, J.M., "Agitator Speeds in Baffled
Vessels for Uniform Liquid-Liquid Dispersions,'" Ind.Eng.Chem.,
Process Des.Dev., 17, 473(1978).

Skelland, A.H.P. and Lee, J.M., "Drop Size and Continuous-
Phase Mass Transfer in Agitated Vessels," AIChE J., 27,
99(1981).

Skelland, A.H.P. and Seksaria, R., “Minimum Impeller Speeds
for Liquid-Liquid Dispersion in Baffled Vessels," Ind.Eng.
Chem., Process Des.Dev., 17, 56(1978).

Smith, A.R., Casewell, J.E., Larson, P.P. and Cavers, S.D.,
Coalescene of Drops in Liquid-Liquid Extraction Columns,"
Can.J.Chem.Eng., 41, 150(1963).

Smith, D.V. and Davies, G.A., "Coalescence in Droplet
Dispersions," Can.J.Chem.Eng., 48, 628(1970).



180

Smith, D.V. and Davies, G.A., "Coalescence in Droplet
Dispersions," AIChE Symp.Ser., 68(124), 1(1972).

Smith, S.W.J. and Moss, H., "Experiments with Mercury Jets, "
Proc.Roy.Soc., A93, 373(1917).

Sprow, F.B., "Distribution of Drop Sizes Produced in Turbulent
Liquid-Liquid Dispersion,” Chem.Eng.Sci., 22, 435(1967a).

Sprow, F.B., "Drop Size Distributions in Strongly Coalescing
Agitated Liquid-Liquid Systems," AIChE J., 995(1967b).

Steiner, L. and Hartland, S., "Hydrodynamics of Liquid-Liquid
Spray Columns," in Handbook of Fluids in Motion,

N.P. Cheremisinoff and R. Gupta, Eds., Ann Arbor Science
Publishers, Michigan, 1983.

Steiner, L., Ugarcic, M. and Hartland, S., "Performance of a
Liquid/liquid Spray Column Operating with High Dispersed Phase
Holdup," CHISA Congress, Prague, 1978.

Stonner, H.-M., "Mathematisches Modell fiir den Fliissig-Fliissig-
Abscheide Vorgang (Am Beispiel der dichtgepackten Dispersion),"
Vortrag anldsslich der Sitzung des Extraktionsgreminus in
Frankfurt/Main, Miarz, 1981.

Stonner, H.-M. and Wiesner, P., "Solvent Extraction of Uranium
Processor and Equipment Design,” Symposium on Ion Exchange and
Solvent Extraction in Mineral Processing, Johannesburg, Feb.,
1980.

Stonner, H.-M. and Wohler, F., "An Engineer's Approach to a
Solvent Extraction Problem," Instn.Chem.Engrs.Symp.Ser.No. 42,
14.1(1975).

Strom, J.R. and Kintner, R.C., "Wall Effects for the Fall of
Single Drops," AIChE J., 4, 153(1958).

Sweeney,W.F. and Wilke, C.R., "Some Observations on Liquid-
Liquid Settling," Report No. UCRL - 11182, University of
California Radiation Laboratory, 1964.

Thornton, J.D., "Spray Liquid-Liquid Extraction Columns:
Prediction of Limiting Hold-up and Flooding Rates," Chem.Eng.
Sci., 5,201(1956).

Thornton, J.D., "Liquid-Liquid Extraction: Part XIII - The
Effect of Pulse Wave-Form and Plate Geometry on the Performance
of a Pulsed Column," Trans.Instn.Chem.Engrs., 35, 316(1957).

-/



-

181

Toller, W., "Tatsdchliche Stoffaustauschraten in gepulsten
Siebbodenkolonnen bei der fliissig/fliissig Extraktion,"
Diplomarbeit, Technisch-Chemisches Laboratorium, ETH Ziirich,
1981.

Treybal, R.E., Liquid Extraction, 2nd ed., McGraw-Hill Book
Ca., Inc., New York, 1963. )

Treybal, R.E., "Liguid Extractor Performance," Chem.Eng.Prog.,
62(9), 67(1966).

Tyler, E. and Watkin, F., "Experiments with Capillary Jets,"
Phil.Mag., 14, 849(1932).

Ugarcic, M., "Hydrodynanik und Stoffaustausch in Spriih- und
gepulsten Siebbodenkolonnen," Ph.D. Thesis, ETH Ziirich, 1981l.

van Heuven, J.W., "Physische Aspecten van turbulente Vloeistof-
Vloeistof Dispersies," Ph.D. Thesis, Technische Hogeschool,
Delft, 1969.

van Heuven, J.W. and Beek, W.J., "Power Input, Drop Size and
Minimum Stirrer Speed for Liquid-Liquid Dispersions in Stirred
Vessels," Proc. Int.Sol.Extr.Conf., 1971, Society of Chemical
Industry, London, Vol. 1, 70(1971).

Vedaiyan, S., "Hydrodynamics of Two-Phase Flow in Spray
Columns, " Ph.D. Thesis, University of Madras, 1969.

Verhoff, F.H., Ross, S.L. and Curl, R.L., "Breakage and
Coalescence Processes in an Agitated Dispersion: Experimental
System and Data Reduction," Ind.Eng.Chem., Fundam., 16,
371(1977) .

Vermeulen, T., Williams, G.M. and Langlois, G.E., "Interfacial
Area in Liquid-Liquid and Gas-Liquid Agitation," Chem.Eng.Prog.,
51, 85F(1955).

Vieler, A.M.S., Glasser, D. and Bryson, A.W., "The Relation-
ship between Batch and Continuous Phase-Disengagement, "
Proc.Int.Sol.Extr.Conf., 1977, The Canadian Institute of
Mining and Metallurgy, Vol. 1, 399(1979).

Vijayan, S. and Ponter, A.B., "Coalescence in a Laboratory
Continuous Mixer-Settler Unit: Contributions of Drop/Drop

and Drop/Interface Coalescence Rates on Separation Process,"
Proc.Int.Sol.Extr.Conf., 1974, Society of Chemical Industry,
London, 591(1974).

Vijayan, S. and Ponter, A.B., "Drop/Drop and Drop/Interface
Coalescence Rates for a Liquid/Liquid Dispersion in a Gravity
Settler," Tenside Deterg., 13, 193(1976).



182

Warshay, M., Bogusz, E., Johnson, M. and Kintner, R.C. Land
"Ultimate Velocity of Drops in Stationary Ligquid Media,"
Can.J.Chem.Eng., 37, 29(1959). ..

>
Warwick, G.C.I. and Scuffham, J.B., "The Design of Mixer-

Settlers for Metallurgical Duties," International Symposium
on Solvent Extraction in Metallurgical Processes, Antwerp,
1972.

Warwick, G.C.I., Scuffham, J.B. and Lott, J.B., "Considerations
in the Design of Large Scale Solvent Extraction Plants for

the Recovery of Metals," Proc.Int.Sol.Extr.Conf., 1971, Society
of Chemical Industry, London, Vol. 2, 1373(1971).

Weaver, R.E.C., "Interface Contact in Liquid-Liquid Spray
Columns, " Ph.D. Thesis, Princeton University, Princeton,
N.J., 1958.

Weinstein, B. and Treybal, R.E., "Liquid-Liquid Contacting in
Unbaffled, Agitated Vessels," AIChE J., 19, 304(1973).

Widjaja, H., "Ueber das Koaleszenzverhalten von Tropfen in
konzentrierten Dispersionschicten,” Ph.D. Thesis, ETH Ziirich,
1977.

Williams, J.A., Lowes, L. and Tanner, M.C., "The Design of a
Simple Mixer Settler," Trans.Instn.Chem.Engrs., 36, 464(1958).

%

Yeh, G.C., Haynie, F.H. and Moses, R.A., "Phase-Volume
Relationship at the Point of Inversion in Liquid Dispersions,"
AIChE J., 10, 260(1964).

Zenz, F.A., "Calculate Fluidization Rates," Pet.Refiner, 36(8),
147(1957).




183

CURRICULUM VITAE

Born on the 3rd of July, 1953 at Pathankot (India). Had
primary and secondary schooling (1958-1970) at Pathankot.
Cleared Pre-Engineering course at D.A.V. College, Jullunder
(India) in June, 1971. Obtained B.Sc. Chemical Engineering
from the Panjab University, Chandigarh (India) in July, 1975
and M.Sc. Chemical Engineering from the same university in
January, 1978. Served as Senior Research Fellow in the
Department of Chemical Engineering and Technology, Panjab
University, till August, 1978. Joined the group of

Prof. Dr. S. Hartland, Technisch-Chemisches Laboratorium,
ETH Ziirich (September, 1978) for research in the field of
liquid/liquid extraction. Passed the qualifying examination
required for the doctoral studentship at ETH Ziirich in
August, 1980.






